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a b s t r a c t
Seawater desalination using conventional vacuum membrane distillation is facing a grave problem 
of high specific heat consumption (SHC). In order to deal with this issue, energy of the saline feed 
is recovered in multi-stage vacuum membrane distillation (MSVMD). The present study is aimed 
to analyze the energetics of MSVMD in terms of SHC, gained output ratio (GOR), and specific 
membrane area (SMA) as a function of process parameters. An attempt was made to determine 
the optimum number of stages for the maximum permeate productivity. Further, the impact of 
multi-staging on MSVMD energetics was also analyzed. A drop in cumulative SHC, GOR, and 
SMA was found with the corresponding rise in feed inlet temperature. Rising saline feed flowrates 
enhanced the cumulative SHC and GOR, however, it declined the SMA. The economics of MSVMD 
in terms of levelized cost of water (LCOW) were also investigated. It was observed that the permeate 
enhancing conditions such as a rising saline feed temperature from 60°C to 100°C depreciates the 
LCOW by about 57 USD/m3. Similarly, a decline in the LCOW was noticed with a surge in saline 
feed flowrate and vacuum pressure. Multi-staging initially dropped the LCOW, but it was found 
that after a certain number of stages, further addition would cause an upsurge in the LCOW.

Keywords:  Desalination; Membrane distillation; MSVMD; Multi-stage VMD; Vacuum membrane 
distillation

1. Introduction

Around 25% of the world’s total inhabitants have 
insufficient access to fresh water and a forecasting study sug-
gests that 70% of the total world’s populace can face fresh 
water paucity in the next 10 y [1–3]. This problem is more 
severe in some parched developing countries, where due 
to lack of facilities and sufficient experience, supply of con-
sumable water to the abundantly populated cities is a major 
challenge [4,5]. One way to deal with this water paucity 
issue is to utilize the sea-water, which is abundantly avail-
able, via desalination.

About half a century ago, Bodell [6] was the first one 
to introduce membrane distillation as a process for water 

desalination employing water vapor evaporation through 
a porous aqua phobic membrane [7]. Although, Findley 
[8] published the first-ever research paper based on mem-
brane distillation in 1967, however, this technique did not 
receive sufficient attention up until the beginning of 1980s. 
After that, MD was recognized as a cost-effective and 
innovative technology for the separation of pure drink-
able water [9–11] from briny water. Some of the attractive 
aspects of MD processes include its capability to be inte-
grated with low-grade energy source requiring lower oper-
ating conditions, uncomplicated membrane construction, 
smaller energy expenditure in case of waste heat, almost 
100% salt rejection rate on paper and its bright prospec-
tive to utilize low-grade energy source [12–14]. Certain 



65W. Alam et al. / Desalination and Water Treatment 230 (2021) 64–79

complications are also associated with the membrane dis-
tillation technology, which tend to impact its performance 
negatively, such as, temperature polarization [15,16], con-
centration polarization, and conductive heat loss through 
the membrane [17,18].

The four basic configurations of MD technique include 
sweeping gas membrane distillation (SGMD), air gap 
membrane distillation (AGMD), direct contact membrane 
distillation (DCMD), and vacuum membrane distillation 
(VMD) [19]. The process of VMDinvolves the application 
of vacuum pressure, which should be smaller as com-
pared to the saturation pressure of water solvent in the 
hot feed stream, to the permeate side of membrane [20,21]. 
The major attribute of VMD is its operationality at consid-
erably lower feed stream temperature and smaller hydro-
static pressure [22,23]. Moreover, it has a higher permeate 
productivity due to better thermal efficiency and conse-
quently, it is extensively utilized for several MD applica-
tions [7,24–28]. Despite having so many advantages over 
other MD mechanisms, it still has one drawback of high 
specific heat consumption (SHC) which casts a shadow 
on its effectiveness. This single drawback has limited the 
extensive commercialization of the VMD [29,30].

Having worked on all four membrane distillation con-
figurations, researchers are looking for a more energy effi-
cient and cost-effective membrane distillation technique. 
The flux driving potential of a feed stream is lowered after 
it has passed through the membrane unit, but it has not lost 
completely. So, in order to deal with the high SHC issue of 
VMD, researchers put forth an idea of utilizing sensible heat 
energy in the membrane exiting stream or the latent heat of 
condensation in the permeate. The membrane exiting feed 
stream if entered into another membrane unit can drive out 
permeate flux which obviously will be lower than its pre-
decessor stage. Such a system which comprises multiple 
stages of membrane units is called multi-stage membrane 
distillation. Various multistage mechanisms have been 
developed based on VMD and AGMD. The main objective 
was to optimize either the thermal efficiency or the cost 
associated with the system. Ghaffour et al. [31] discussed 
various prospects of water productivity and energy effi-
ciency enhancement via hybridization of MD technology 
with traditional processes such as reverse osmosis (RO), 
mechanical vapor compression, electro-dialysis, multi-ef-
fect distillation, and adsorption. It was found that MD 
diminishes limitations of RO, when treating concentrated 
feeds. The MED-MD hybrid system was found to have the 
most positive effect after hybridization. A cascaded DCMD 
mechanism was developed by Gilron et al. [32], it was then 
upgraded by [33] in order to enhance its recovery. Lu et 
al. [34] performed economic optimization on multi-stage 
AGMD mechanisms. A multi-stage vacuum membrane dis-
tillation (MSVMD) system was designed by Shim et al. [35] 
and a GOR of less than 1 was reported. Multi-stage VMD 
system similar to multistage flash distillation (MSF) was 
developed by Summers [36] and reported a GOR of almost 
4. The multistage mechanisms reported a much lower SHC 
as compared to their single-stage parallels [37]. A company 
named Memsys, founded in 2009, designed a new MD 
mechanism named vacuum multi-effect membrane distilla-
tion (V-MEMD). A GOR of about 4 was reported for these 

systems [38]. Memsys VMD technology based on flat sheet 
membrane arrangement was reported to have about 80% 
lower SHC than its single-stage counter parallel. Similarly, 
various other researchers reported a drop in the SHC for 
systems based on memsys technology [39,40]. Module 
packing density also plays a vital role in the performance 
of MD systems based on permeate productivity. Despite 
the improvement in SHC, a lower module packing density 
associated with flat sheet membrane systems restrains its 
permeate productivity [41]. Contrary to flat sheet mem-
brane systems, hollow fiber systems have appreciably high 
module packing density resulting in enhanced permeate 
productivity [42–45].

The MSVMD being a new concept has received a very 
limited attention. Fig. 1 is a representation of the number 
of articles published on single stage VMD against the num-
ber of papers published on MSVMD, on yearly basis over a 
period of 10 y from 2010 to 2020. It indicates that the first 
research article on MSVMD was published just recently in 
2013 and a very limited literature is available on it as of now.

After an extensive analysis of previously published 
studies on MSVMD, it was found that very few research-
ers have investigated it energetics as a function of various 
process variables. Moreover, no attempt was made in the 
past to investigate the performance based on each stage 
of an MSVMD setup. To the best of the author’s knowl-
edge, the SHC, GOR, and SMA, have never been investi-
gated with the approach to determine the impact of hav-
ing additional stages in an MSVMD setup. Furthermore, 
no published work has been found that focused to inves-
tigate the economics of MSVMD as a function of number  
of stages.

The current study is aimed to analyze MSVMD process 
technically and economically. An integrated heat and mass 
transfer model was developed for a hollow fiber MSVMD 
setup to analyze it numerically. The numerical results 
were verified experimentally. The cumulative energetics of 
MSVMD in terms of SHC, GOR, and SMA were analyzed 
based on process variables such as saline feed inlet tempera-
ture and flowrate. An effort was made to study the impact 
of multi-staging in MSVMD on its cumulative SHC, GOR, 
and SMA. Lastly, the economics of MSVMD were stud-
ied in terms of its levelized cost of water (LCOW) and the 
impact of process variables on it was investigated. Further, 
the impact of adding stages to an MSVMD setup on its 
LCOW was also examined.

2. Theory

2.1. Model for heat transfer

In VMD operation, a convection heat transfer occurs 
from the bulk feed stream to the feed side membrane inter-
face. This convection heat transfer can be mathematically 
expressed as:

Q h d N T Tf f o f b i= ( ) −( )π  (1)

where (Tb – Ti) represents the temperature difference 
between bulk feed and feed side membrane, do is the outer 
fiber diameter, Nf is the number of fibers in the shell and hf 
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represents the convective heat transfer coefficient of saline 
feed.

The convective heat transfer coefficient hf can be mathe-
matically expressed by Groehen’s relation as [46].

N
h d
ku
f h

f

= = ( )0 206
0 63 0 36. Pr
. .Re cosθ  (2)

where Re and Pr represent the Renold’s number and Prendtl 
number, respectively, dh is the shell hydraulic diame-
ter, θ represents the yaw angle, and kf is the feed thermal 
conductivity.

Another type of heat transfer associated with the VMD 
process is heat which is transferred via vapors of permeate 
through the membrane pores in the form of latent heat. It 
can be mathematically expressed by the following relation

Q Jgm v=  (3)

where gv and J represent the saturated water enthalpy and 
permeate flux, respectively.

For high fractional void volume/porosity membranes, 
the conduction heat loss through the membrane body is 
negligible. If there is no conduction heat loss considered 
through the membrane body, the heat loss between bulk 
feed and feed side membrane interface must be equal to 
the latent heat transferred via permeate vapors [47].

Q Qf m=  (4)

2.2. Model for mass transfer

The mass transfer of vapors across membrane pores 
either follows Knudsen diffusion model or the Poiseuille 
flow model, depending upon a dimensionless number 
called the Knudsen number. The Knudsen number can be 
mathematically written as

k
Ln =
λ  (5)

where λ represents the mean free molecular path and L is 
the characteristic length in which flow through membrane 
pores is the mean pore size/diameter.

For a non-continuum model, a Knudsen number of 
less than 1 specifies Poiseuille flow, whereas, a Knudsen 
number of greater than 1 means that the mass transfer 
via Knudsen diffusion model is dominant [48]. Mostly 
in VMD, the mean free molecular path is much greater 
than the pore sizes of membrane. Hence, the mass trans-
fer across the membrane in VMD is controlled by Knudsen 
diffusion predominantly. The permeate mass flux in case of 
Knudsen diffusion model is calculated using the following  
relation:

J r M P P
RTk i v=
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where (Pi – Pv) represents the vapor pressure drop across 
the membrane and τ, δ, r and ε are the membrane tortuos-
ity, membrane thickness, mean pore size, and the membrane 
fractional void volume/porosity, respectively. M, R, and Tavg 
represent the molecular weight of water, universal gas con-
stant, and the absolute temperature in membrane pores, 
respectively.

3. MSVMD numerical model

In a VMD process, the heat transfer and mass transfer 
are completed. When the process is at steady-state condition, 
the total energy and mass balance can be expressed as:

Q h T T Jg C r M P P g
RTf b i v m i v v= −( ) = = =
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Fig. 1. Research activity on VMD and MSVMD 2010–2020, (Source: Google Scholar).
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gv represents the enthalpy of vaporization of the feed  
stream and can be calculated using the following correlation [49].

g T

T
v i

i

= + +( )
× − ( ) ×−

2501 689845 1 806916015 5 087717

10 1 1221 14 2

. . .

. 00 5 3− Ti  (8)

4. Performance indicators

4.1. Specific heat consumption

The total amount of heat energy consumed by the MD 
setup for a permeate production of 1 m3 is referred to as its 
SHC. It can be evaluated using the following equation [50].

SHC =
×

× ×
Q

m A
m f

p

r
 3 600,

 (9)

where rf is the feed inlet solution density, ṁp is the mass 
permeate flux in kg/m2s and A represents the total area 
of membrane in m2. Qm is the total heat flux drawn in the 
form of permeate through the membrane module. It is 
estimated using the following mathematical relation [51]:

Q m c T Tm f p f f= × × −( ) , ,in out  (10)

where (Tf,in – Tf,out) is the total temperature drop of the 
hot feed solution between membrane inlet and exit.

4.2. Gained output ratio (GOR)

The ratio of minimum heat energy required to produce 
the fresh water/permeate, to the total amount of heat input 
to the system is referred to as gained output ratio. For MD 
systems, the GOR can be evaluated using the following 
equation [52]

GOR fg

in

=
× ×



m A h
Q

p  (11)

where hfg is the enthalpy of vaporization (kJ/kg) at the feed 
inlet temperature and 

GOR fg

in

=
× ×



m A h
Q

p

 is the total power input to the 
system in kW.

4.3. Specific membrane area (SMA)

It is defined as the minimum membrane area required 
by the system to produce a total permeate output of 1 m3/d. 
It can be mathematically expressed in the form of following 
equation [37]:

SMA
total

=
A

Vp ,

 (12)

where A (m2) is the total membrane area of the system and SMA
total

=
A

Vp ,  (m3/d) is the total volumetric permeate production of 
the system per day.

5. MSVMD economic model

This economic model for the multistage vacuum mem-
brane distillation (MSVMD) setup takes into consideration 

all the costs related to the capital equipment, cost along with 
the installation, maintenance, and operation costs in USD 
per annum. The equipment capital cost comprises of the 
following costs in USD:

• Membrane cost per unit area
• Water and vacuum pump cost
• The permeate and feed tank cost
• Piping and control system cost

Peters [53] proposed that the installation cost of a 
distillation plant can be assumed to be 20% of the total 
equipment capital cost. Park et al. [54] assumed the main-
tenance cost to be 10% of the VMD cost plus 2% of the 
equipment capital cost. The operational cost of MSVMD 
setup comprises of the fuel/electricity cost, the brine 
disposal cost and the chemical treatment cost. The cost 
model used in the current study is derived from different 
references and publications. Kolhe et al. [55] used a term 
“levelized cost of water (LCOW)” in order to measure 
the cost effectiveness of membrane distillation systems. 
LCOW is the average total cost in USD required to pro-
duce 1 m3 of pure water through distillation. In this study, 
the model of Koner et al. [55] that employs present worth 
factor (PWF), is used to estimate the LCOW.

i
i i
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−
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 (13)
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where ireal is the real interest rate, i is the interest rate, 
and iinf is the inflation rate. ṁp is the permeate output of 
the MSVMD setup in m3/y. Z is the capital cost in USD 
and the subscripts eqp, main, ins, and opt represent 
the equipment, maintenance, installation, and opera-
tional costs, respectively. PWF represents the present 
worth factor. Table 1 presents all the design parameters 
used in the economic model.

6. System illustration

6.1. Experimental setup

Fig. 2 is a schematic of the main apparatus used for 
experimentation in the present study. The setup consisted of 
a feed loop, a cold-water loop, and a vacuum loop.

6.2. Membrane specifications

The membrane used in this study was made of PTFE 
material manufactured by guochu technology (Xiamen). 
Table 2 shows the detailed specifications of membrane unit 
utilized in the current study, as provided by the manufacturer.
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Table 1
Operating parameters used in current study

Operating parameters Symbol Value ($) Reference

Interest rate I 11.19% Based on current economic situation in Pakistan
Inflation rate iinf 8% Based on current economic situation in Pakistan
Operating years N 20 [30]
MSVMD setup cost Zcapital 21,569 Based on commercial quote
Membrane cost Zmem 90/m2 Based on commercial quote
Installation cost Zins 20% of total setup cost [56]
Maintenance cost Zmain 2% of the equipment cost [30]
Electricity cost Zfuel 0.055/kWh Based on electricity rates in Pakistan
Brine disposal cost ZBD 0.0015/m3 [30]
Chemical treatment cost ZCTC 0.0018/m3 [30]

 

Fig. 2. Layout of experimental setup.
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For the first stage of each experiment, the required 
flow rate and temperature of the feed solution were set 
to the desired value. The system was allowed to reach a 
steady-state condition denoted by constant reading of 
temperatures and flow rates. Usually, the time required for 
the system to achieve the steady-state condition was of the 
order 25–30 min. 5 min data was recorded for every point 
in a steady-state condition. The key measurements taken 
from the experiments were the feed solution temperature 
value, vacuum pressure value, cooling water temperature, 
running time, and vacuum tank drainage volume. One 
of the most vital measurement is the temperature of feed 
stream as it exits the membrane unit, which is noted from 
temperature gauge (TG101). For the subsequent stage, a 
temperature equal to the temperature of exiting feed stream 
from the previous stage was set and the whole process 
was repeated while keeping the flowrate constant as in the 
previous stage. Similarly, all the key measurements were 
recorded for each subsequent stage. An average of 3 data 
points was taken for each experiment.

7. Numerical model validation

Experiments were performed to investigate the per-
meate flux of each individual stage for a 10-stage MSVMD 
setup at various feed inlet temperatures from 60°C to 70°C 
and various feed flowrates from 1,000 to 4,000 L/h. The 
experimental permeate flux data was compared with the 
numerical results at various feed inlet temperature and feed 
flow rate as shown in Figs. 3 and 4, respectively. The solid 
and dashed lines represent the experimental and numerical 
results, respectively.

In a similar way, the numerically and experimentally 
determined (SMA)/stage of the setup was compared, by 
varying feed inlet temperatures from 60°C to 70°C and feed 
flowrates from 2,000 to 4,000 L/h, as shown in Figs. 5 and 6, 
respectively.

An average deviation of under 5% can be noted in the 
above plots. In other words, a good agreement is observed 
between the numerical and experimental findings.

8. Numerical results and discussion

8.1. Water productivity inversion for process parameters

This section is aimed to investigate the optimum num-
ber of stages in MSVMD setup, that ensures the maxi-
mum permeate output, and any further addition of stages 
does not benefit in terms of permeate productivity. In this 
regard, Fig. 7a and b shows the permeate productivity of 

Table 2
Features of membrane unit used in current study

Shell side parameters Dimensions and features

Shell diameter ds (mm) 90
Length of the membrane 

module (mm)
1225

Material
Acrylonitrile butadiene 

styrene
Fiber parameters Dimensions and features
Total number of hollow fibers 1,500
Outer diameter of hollow fiber, 

do (mm)
1.6

Inner diameter of hollow fiber, 
di (mm)

0.9

Membrane thickness, δm (mm) 0.35
Membrane pore size (µm) 0.5
Membrane porosity 45
Membrane Tortuosity 2
Material PTFE

 

Fig. 3. Numerical and experimental permeate productiv-
ity (kg/m2 h) of each individual stage for feed tempera-
tures of 60°C, 65°C and 70°C; Dashed lines: Numerical data, 
Solid lines: Experimental data.

 

Fig. 4. Numerical and experimental permeate productivity 
(kg/m2 h) of each individual stage for feed flowrates of 1,000, 
2,000, 3,000 and 4,000 L/h; Dashed lines: Numerical data, 
Solid lines: Experimental data.
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each individual stage for a 40-stage MSVMD setup, at 
various feed inlet temperature and flowrate. The results 
indicated that the individual stage permeate productivity 
remained high for flux promoting conditions (higher feed 
temperatures and flowrates), however, beyond a certain 
number of stages, this behavior reversed and flux promot-
ing conditions yielded a lower individual stage permeate 
production as compared to flux demoting conditions (lower 
feed temperatures and flowrates). This point at which 
this trend reverses is termed as the point of inversion.

8.2. Parametric analysis of MSVMD energetics

This section presents the impact of process parame-
ters on energetic performance of MSVMD in terms of SHC, 
GOR, and SMA.

8.2.1. Feed inlet temperature

Fig. 8 presents the influence of feed solution inlet tem-
perature on the collective permeate flux of an 18-stage 
MSVMD setup, over a range of feed flowrates variating 
from 1,000 to 4,000 L/h. The feed solution inlet tempera-
ture was varied from 60°C to 100°C, whereas, the feed con-
centration was kept constant at 0.31 gm/L.

The results suggest a fall in the collective SHC with the 
corresponding rise in the feed solution inlet temperature. 
This behavior can be attributed to the fact that, a perme-
ate surge occurs with the rise in saline feed solution inlet 
temperature that resulted in decease of SHC, according 
to Eq. (9). Although, a rise in the feed inlet temperature 
would also increase the temperature drop (Tf,in – Tf,out) 
across the membrane module, causing the SHC to rise but 

 

Fig. 5. Numerical and experimental SMA per stage at feed 
temperatures of 60°C, 65°C and 70°C; Dashed lines: Numerical 
data, Solid lines: Experimental data.

 
Fig. 6. Numerical and experimental SMA/stage at feed flow-
rates of 2,000, 3,000 and 4,000 L/h; Dashed lines: Numerical data, 
Solid lines: Experimental data.

 
 

 

Fig. 7. Individual stage permeate flux at (a) Feed solution flowrate of 1,000, 2,000, 3,000, and 4,000 L/h. (b) Feed solution inlet 
temperature of 60°C, 65°C, 70°C, 75°C and 80°C.
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this increase in temperature drop is trivial compared to 
the permeate surge it causes along with it.

Furthermore, the plot also suggests that the fall in SHC 
with the corresponding rise in feed inlet temperature, 
decreases gradually as the feed inlet temperature contin-
ues to raise. This can be due to the fact that at higher tem-
peratures, the temperature drop, (Tf,in – Tf,out) across the 
membrane module is higher, resulting in a small decrease 
in the SHC with feed temperature.

The impact of saline feed solution inlet temperature 
on the GOR of an 18-stage MSVMD setup, was investi-
gated over a range of feed flowrates varying from 1,000 
to 4,000 L/h and the results depicted in Fig. 9. The feed 
concentration was kept constant at 0.31 gm/L. The results 
suggest that an increasing feed inlet temperature causes 
the GOR to fall irrespective of feed flowrate. The reason 
behind this behavior is that a higher feed inlet tempera-
ture requires a larger total energy input 

GOR fg

in

=
× ×



m A h
Q

p

 to the system, 
and GOR being the ratio of minimum heat energy required 
to the actual energy input to the system (

GOR fg

in

=
× ×



m A h
Q

p

), thus falls 
down. Also, Eq. (11) clearly shows that the total energy 
input 

GOR fg

in

=
× ×



m A h
Q

p

 is the denominator term. Although, the feed inlet 
temperature also raises the collective permeate flux of the 
system (which is a numerator term in Eq. (11)), this rise in 
permeate output is negligible as compared to the increase 
in total energy input it causes.

Fig. 10 presents the impact of feed solution inlet tem-
perature on the SMA of an 18-stage MSVMD setup over a 
range of feed flowrates, varying from 1,000 to 5,000 L/h. 
The feed concentration was kept constant at 0.31 gm/L. The 
plot indicates an inverse relationship between the saline 
feed solution inlet temperature and the specific mem-
brane area. In other words, a higher feed inlet temperature 
ensures smaller SMA. This inverse relationship is quite 
obvious, since it has been established earlier that a higher 
feed inlet temperature brings about a higher permeate out-
put, eventually leading to a smaller area (m2) required for a 
cumulative permeate production of 1 m3/d.

8.2.2. Feed inlet flowrate

Fig. 11 presents a plot for the cumulative SHC of an 
18-stage VMD against feed solution flowrate carried out at 
various feed inlet temperatures from 60°C to 100°C. The feed 
concentration was kept constant at 0.31 gm/L. The cumula-
tive SHC increased with rise in the feed flowrate, indicating 
a direct relation between the two. This rising trend of SHC 
is because the feed mass flowrate (ṁf), being a numerator 
term in Eq. (10) tends to raise the SHC as the feed flowrate 
is increased.

Similarly, at higher feed flowrates the temperature 
drop (Tf,in – Tf,out) across the membrane is also higher, which 
also being a numerator term tends to increase the SHC. 
Although higher feed flowrates increased the permeate 
output, yet this increase in permeate output is negligible 

 

Fig. 8. Impact of saline feed solution inlet temperature on cumulative SHC of MSVMD for feed flowrates ranging from 1,000 to 4,000 L/h.

 

Fig. 9. Impact of feed temperature on cumulative GOR of 
MSVMD for feed flowrates ranging from 1,000 to 4,000 L/h.
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as compared to the increase in (ṁf) and (Tf,in – Tf,out). Hence, 
the cumulative SHC increases with the increase in feed 
flowrate.

Fig. 12 exhibits the influence of feed flowrate on the 
cumulative GOR of an 18-stage MSVMD setup. This inves-
tigation was carried out at feed temperature range from 
60°C to 80°C , while keeping the feed concentration con-
stant at 0.31 gm/L. The graph specifies a direct relation-
ship between the feed flowrate and the cumulative GOR. 
This increase in the cumulative GOR can be described by 
the fact that by increasing the feed flowrate enhances the 
permeate production of an MSVMD setup, and eventu-
ally, the permeate mass flowrate (ṁp) being a numerator 

term in the relation for the gained output ratio (GOR) (as 
shown by Eq. (11)) raises the GOR.

Fig. 13 illustrates the influence of feed flowrate on the 
SMA of an 18-stage MSVMD, over feed inlet temperatures 
varying from 60°C to 100°C. The concentration was kept 
constant at 0.31 gm/L. It indicates an inverse relationship 
between the feed flowrate and the cumulative SMA of an 
18-stage MSVMD setup. This decrease in the SMA is evi-
dent due to an increase in the permeate output with the 
flowrate. Moreover, it can be noted that the fall in SMA 
with the feed flowrate is more evident at lower flowrates 
whereas it becomes trivial at higher flowrates. For example, 
for a feed temperature of 60°C, the decrease in cumulative 

 

Fig. 10. Impact of feed temperature on cumulative SMA of MSVMD for feed flowrates ranging from 1,000 to 4,000 L/h.

 

Fig. 11. Impact of feed flowrate on cumulative SHC of MSVMD for feed temperature ranging from 60°C to 100°C.
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SMA is 235 m2/(m3/d) as the feed flowrate is raised from 
1,000 to 2,000 L/h, whereas for a rise in feed inlet flowrate 
from 4,000 to 5,000 L/h, the decrease in SMA is a meagre 
18.35 m2/(m3/d).

8.3. Effect of multi-staging on MSVMD energetics

8.3.1. Specific heat consumption

Fig. 14 presents the impact produced on SHC by the 
addition of stages to the MSVMD setup, over a range of feed 
inlet temperatures variating from 60°C to 80°C. It is obvi-
ous that addition of stages to the MSVMD setup enhances 
the collective permeate flux, if there is flux driving potential 
in the brine stream. This increase in the permeate flux with 
the addition of stages ensures a corresponding decrease 
in the SHC as can be seen in the plot. For example, at a 
feed inlet temperature of 60°C, the addition of two stages 
to a VMD setup, brings down the SHC from 9,288.0139 to 
7,645.0225 kWh/m3.

8.3.2. Gained output ratio

Fig. 15 presents the impact of multi-staging on GOR 
of an MSVMD setup, for a range of saline feed solution 
inlet temperatures variating from 60°C to 80°C. The feed 
inlet flowrate and concentration were kept constant at 
4,000 L/h and 0.31 gm/L, respectively.

The plot indicates that addition of extra stages to an 
MSVMD setup enhances the GOR if there is flux driving 
potential in the brine stream. For instance, for a saline feed 
solution inlet temperature of 60°C, the GOR surges from 
0.582 to 2.50 as the number of stages is raised from 2 to 18. 
This behavior is because addition of stages ensures a higher 
total permeate output associated with higher membrane 
area, eventually resulting in a surge in the total GOR for an 
MSVMD setup.

8.3.3. Specific membrane area

After investigating the effect of additional stages on 
MSVMD performance in terms of SHC and GOR, it is estab-
lished that more the number of stages, the better is the per-
formance. This means, an infinite number of stages will give 
the best performance; however, such a system is far from 
practical due to the large cost that it would cause. Thus, it 
is of prime importance to investigate the effect of additional 
stages in an MSVMD setup on its cost in terms of SMA, and 
impact on the performance.

Fig. 16 depicts variation in SMA for MSVMD setup hav-
ing total number of stages varying from 2 to 18, over a range 
of feed inlet temperatures from 60°C to 80°C. The feed flow-
rate and concentration were kept constant at 4,000 L/h and 
0.31 gm/L, respectively.

An assessment of the plot suggests a direct relation 
between the number of stages and the SMA. In other words, 
for a higher number of stages, a higher membrane area is 
required to produce a cumulative permeate output of 1 m3/d. 
The plot shows that, for a feed solution temperature of 
60°C, the SMA was increased from 102.60 to 175 m2/ (m3/d) 
as the number of stages was increased from 2 to 18 in the 
MSVMD setup. This behavior is obvious due to the reason 

 

Fig. 13. Impact of feed flowrate on cumulative SMA of MSVMD for feed temperature ranging from 60°C to 100°C.

Fig. 12. Impact of feed flowrate on cumulative GOR of MSVMD 
for feed solution inlet temperature varying from 60°C to 80°C.
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that every successive stage has a lower individual permeate 
flux as compared to its predecessor. This eventually causes 
the SMA to rise as the number of stages in an MSVMD setup 
are enhanced.

8.4. Parametric analysis of MSVMD economics

The impact of various process parameters on the level-
ized cost of water (LCOW) was investigated and the results 
are compiled in the form of plots as described below.

8.4.1. Feed solution inlet temperature

Fig. 17 presents the influence of saline feed inlet tem-
perature on the LCOW of MSVMD setup for various feed 

inlet temperature from 60°C to 100°C, while keeping 
the feed concentration constant at a value of 0.31 gm/L. 
The feed flowrate was varied from 1,000 to 4,000 L/h. The 
results imply that, at higher feed temperatures a less cost 
is required to produce a permeate output of 1 m3. For 
instance, for a feed flowrate of 1,000 L/h, the LCOW drops 
from 63.4 USD/m3 at a feed inlet temperature of 60°C to 
7.646 USD/m3 at a feed inlet temperature of 100°C. This 
ebbtide in LCOW with the feed inlet temperature can be 
attributed to the fact that rising feed inlet temperature 
brings about an upsurge in the cumulative permeate pro-
duction of an MSVMD setup, which ultimately ends up 
decreasing the LCOW. Although, at higher feed flowrates, 
the operational cost of the setup also rises in the form of 
electrical energy consumption, but this increase is trivial 
compared to the rise in the permeate output.

8.4.2. Feed inlet flowrate

Fig. 18 presents the impact produced on cumula-
tive LCOW of an 18-stage MSVMD, as the feed solu-
tion inlet flowrate is varied from 1,000 to 7,000 L/h. This 
investigation was carried out for various feed solution inlet 
temperatures from 60°C to 80°C, while keeping the feed 
concentration and vacuum pressure constant at 0.31 gm/L 
and 16 kPa, respectively.

The results indicated that an increase in feed flowrate 
has a positive effect on the LCOW of an MSVMD setup. 
In other words, the LCOW ebbtides with a rise in the feed 
inlet flowrate. It can be seen from the graph that the LCOW 
falls from 63.40 USD/m3 at a feed temperature and flow-
rate of 60°C and 1,000 L/h respectively, to 16.92 USD/m3 
at the same feed temperature and a flowrate of 7,000 L/h. 
The total drop in the LCOW is 46.48 USD/m3. This soar-
ing trend in the LCOW with the increased feed flowrate 
is evident due to the increase in the cumulative permeate 
production of an MSVMD setup. The permeate output (ṁp) 

 

Fig. 14. Effect produced by installation of additional stages on cumulative SHC.

 

Fig. 15. Effect produced by installation of additional stages on 
cumulative GOR.
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being a denominator term tends to decrease the LCOW. 
Further, it can also be noted that the decrease in LCOW 
with the feed flowrate is more prominent when the feed 
flowrate is increased initially, however it continuously 
diminishes at higher feed flowrates.

8.4.3. Permeate side pressure

The permeate side pressure directly affects the driving 
force of VMD mechanism. A small change in the permeate 
pressure is responsible for an enormous rise or fall in the 
performance of VMD. Hence, it is very important to inves-
tigate the influence of permeate side pressure on the cost. 
Fig. 19 shows the effect of permeate side pressure on the 

LCOW of an 18-stage MSVMD setup, for a range of feed 
solution inlet temperatures varying from 60°C to 85°C. 
The feed flowrate and concentration were kept constant at 
4,000 L/h and 0.31 gm/L.

The graph indicates that, higher permeate pressures 
in an MSVMD setup require more cost to produce a per-
meate output of 1 m3. At a feed solution inlet temperature 
of 60°C, the LCOW surges from 7.139 USD/m3 at a perme-
ate pressure of 8 kPa to 49.45 USD/m3 at a permeate pres-
sure of 18 kPa. The reason for this direct relation between 
LCOW and the permeate side pressure is quite evident. 
A higher permeate pressure means lower vapor pressure 
(VP) difference between the saline feed side and the fresh 
permeate sides, resulting in a smaller flux driving potential 

 

Fig. 16. Effect produced by installation of additional stages on cumulative SMA.

Fig. 17. Impact of feed inlet temperature on cumulative LCOW for a range of feed flowrates variating from 1,000 to 4,000 L/h.
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and thus, a lower permeate output (ṁp), eventually causing 
the LCOW to rise. Similarly, the lower the permeate side 
pressure, the higher the VP gradient between the saline 
feed side and the fresh permeate sides, resulting in an 
enhanced permeate output (ṁp) from the MSVMD setup, 
which in turn causes a decrease in the LCOW.

8.5. Effect of multi-staging on MSVMD economics

Up till now, it is found that increasing the number of 
stages in an MSVMD setup improves the performance in 
terms of permeate output, SHC or the gained output ratio 
(GOR). Logically, this means that an infinite number of 
stages will yield the best performance, which obviously is 

not possible practically. Further, the cost associated with 
the additional number of stages must also be taken into 
consideration. The following section is focused to investi-
gate the LCOW as a function of the number of stages in an 
MSVMD setup.

Fig. 20 shows the LCOW plotted against the number of 
stages in an MSVMD setup for saline feed inlet tempera-
tures varying from 65°C to 80°C. The number of stages in 
the setup was varied between 2 and 18, while keeping the 
feed flowrate, concentration and the permeate side pressure 
constant at 4,000 L/h, 0.31 gm/L and 16 kPa, respectively.

It can be seen from the graph that the LCOW contin-
ued to drop down as the number of stages are increased. 
For example, the LCOW dropped from 80.3 USD/m3 to 

Fig. 18. Impact of feed flowrate on cumulative LCOW for feed solution inlet temperatures variating from 60°C to 80°C.

Fig. 19: Impact of permeate side pressure on cumulative LCOW for feed solution inlet temperatures variating from 60°C to 85°C.
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42.59 USD/m3 and then dropped further to 30.0 USD/m3 as 
the number of stages is enhanced from 1 to 2 and then to 3, 
respectively, for a feed solution inlet temperature of 65°C. 
This dropping trend in the LCOW is obvious, as we know 
that increasing the number of stages enhances the perme-
ate productivity (ṁp) of the MSVMD setup. But this drop-
ping trend is more evident in initial stages and becomes 
trivial as the number of stages are further increased. For 
instance, the decrease in LCOW is 50.22 USD/m3 when 
the number of stages is increased from 1 to 3, however, 
for the same increase in number of stages from 16 to 
18 the LCOW is dropped to 0.34 USD/m3. This is mainly 
due to the reason that every successive stage has a lower 
flux as compared to its predecessor, although the mem-
brane area is same for both the stages (causing the same 
cost). Hence, it can be conveniently said that although 
the addition of stages drops the LCOW initially, however, 
a certain stage will come after which addition of any fur-
ther stage will inflict a higher overall cost (Zeqp, Zmain, Zinst, 
brine disposal and chemical treatment cost) as compared 
to the rise in permeate output (ṁp), eventually resulting in 
increase in the cumulative levelized cost of water (LCOW).

It can be concluded that for a multi-stage VMD system 
with 18 stages, a feed inlet flowrate of 4,000 L/h and a vac-
uum pressure of 16 kPa, a total of 10 stages are feasible. 
The increase in permeate productivity of system is quite 
trivial with further addition of stages.

9. Conclusions

In this study, a parametric analysis of MSVMD econom-
ics was carried out in terms of SHC, GOR, and SMA. The 
economics of MSVMD were also analyzed based on differ-
ent process variables. Finally, the impact of multi-staging on 
MSVMD energetics and economics was also investigated.

The key results can be summarized as follows:

• The cumulative SHC and SMA of MSVMD is lower 
at higher feed temperatures which is a positive aspect, 
however, it also induces a negative effect by reducing the 
GOR.

• Installation of additional stages to an MSVMD improves 
the performance by decreasing the SHC and raising the 
GOR, however, there is an upsurge in the specific mem-
brane area (SMA) too.

• At higher feed flowrates, the cumulative SHC and GOR 
of MSVMD are high, whereas SMA is lower. The increase 
in cumulative GOR and the corresponding decrease in 
SMA is more prominent at lower flowrates, whereas 
the upsurge in SHC is more visible at higher feed  
flowrates.

• Additional stages in MSVMD ebbtides the cumulative 
SHC, however, it causes an upsurge in the GOR and SMA 
of the system. The SHC ebbtide and the correspond-
ing surge in GOR is more evident at higher flowrates, 
whereas the increase in SMA with additional stages is 
independent of feed flowrate.

• The specific primary energy of system is based on the 
total amount of thermal energy that enters the plant (in 
the form of electrical energy) per m3 of the permeate pro-
duction. Since, the total heat injected into the system is 
always higher as compared to the energy drawn from 
the module, thus the specific primary energy is always 
going to be higher than SHC. The exergetic efficiency of 
the system acts as the defining parameter which differ-
entiates between the SHC and specific primary energy 
consumption.

• A comparison of the SHC and GOR values indicate that 
SHC values are higher (when compared to literature), 
whereas, GOR of the system is attractive. This is due 

Fig. 20. Impact produced on cumulative LCOW by installation of additional stages to MSVMD.
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to the reason that SHC values are determined at very 
high feed flowrates, that is, 1,000 to 4,000 L/h. Whereas, 
in literature, flowrates of 10–50 L/min are observed.

• LCOW reduces with the rise in feed inlet temperature. 
This reduction in LCOW is more eminent at lower feed 
temperatures.

• Similarly, a rising feed flowrate causes a fall in the LCOW. 
This behavior is more visible at low flowrates.

• LCOW has a direct relation with the permeate side pres-
sure. The rising trend of LCOW with permeate pressure 
is more recognizable at higher permeate pressures.

• Having additional number of stages in an MSVMD setup 
brings down the cost of producing fresh water in terms 
of LCOW. But this trend is only for a certain number of 
stages, after which further addition of stages will raise 
the LCOW.

The present study is a comprehensive guideline for the 
impact of various process variables on the energetic and 
economic performance of MSVMD. Further, this investi-
gation was also carried out for the impact of multi-staging 
on MSVMD performance. Although, the GOR is consid-
erably improved and similarly the SHC is much reduced 
for MSVMD as compared to single stage VMD, but the 
utilization of solar energy to heat the saline feed solu-
tion through heat exchangers, might result in even higher 
GOR while decreasing the collective SHC.
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