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A B S T R AC T

Carbon dioxide (CO2) and sulfur dioxide (SO2) are typical gases produced during coal 
combustion and their emissions have to be controlled and minimized in order to reduce 
environmental risks. Organic solvents are commonly used as absorption liquids for the 
ch emical absorption of CO2 and SO2, and their use in combination with a membrane device is 
being studied recently. The volatile character of common solvents produces solvent losses due 
to their evaporation into the gas stream. Thus, the use of solvents with lower vapor pressure 
such as ionic liquids as absorption liquids may contribute to the performance of a zero sol-
vent emission process. In the present study, mass transfer of CO2 is studied in a p olypropylene 
h ollow fi ber membrane contactor when the ionic liquid 1-ethyl-3-methylimidazolium ethyl-
sulfate is used as the absorption liquid. Mass transfer coeffi cients are compared with those 
obtained with a ceramic hollow fi ber contactor for SO2 absorption. The overall mass transfer 
coeffi cient takes a value of Koverall = (3.69 ± 0.18) × 10−7 m s−1 and Koverall = (3.38 ± 0.09) × 10−6 m s−1 
in CO2 and SO2 systems, respectively. Main resistance to mass transfer has been found to be 
the membrane itself. In CO2 absorption a theoretical effective diffusivity was estimated as 
Deff = 4.94 × 10−7 m2 s−1 which differs from diffusivity obtained from experimental results 
(Deff = (1.717 ± 0.18) × 10−11 m2 s−1).

Keywords:  Carbon dioxide; Sulfur dioxide; Non-dispersive absorption; Gas-liquid membrane 
contactors; Ionic liquids; Process intensifi cation

1. Introduction

Process intensifi cation offers signifi cant improve-
ments in chemical manufacturing and processing, lead-
ing to cheaper, safer and sustainable technologies [1]. 
CO2 capture and storage (CCS), which involves the 
processes of capture, transport and long-term storage 
of CO2, is a technology aimed at reducing greenhouse 
gas emissions. However, CO2 capture is the bottleneck 
step where efforts have to be applied in order to develop 
technically and economically available processes. Other 
gases, such as, SO2, have to be also removed but waste 

production or solvent losses associated to the industrial 
processes currently used for their recovery makes neces-
sary process intensifi cation.

The use of scrubbers and other systems where a 
direct contact between the gas stream and the absorp-
tion liquid occurs produces economic and environ-
mental drawbacks due to drops dragging and solvent 
evaporation. Previous works [2,3] showed that process 
intensifi cation can be performed in two steps to develop 
a zero solvent emission process: fi rst by the substitution 
of the equipment for a membrane device avoiding drops 
dragging [4] and secondly by the substitution of the 
absorption liquid for a solvent with lower vapor pres-
sure (e.g., ionic liquids) [2].
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Ionic liquids (ILs) are salts with a melting point 
lower that 100°C and with a negligible vapor pressure, 
features that turn them into very interesting solvents in 
the industry. Some ionic liquids have been found to have 
high solubility capacity of CO2 and SO2 and are recently 
under study as potential absorption liquids [5,6].

Many studies have characterized mass transfer 
behavior for gas absorption into different absorbents 
liquids and different hollow fi ber membrane materials 
[7–11] considering resistances in gas, liquid and mem-
brane phase [12–14]; the membrane resistance depends on 
diffusivity of absorbing gas and geometrical membrane 
characteristics [15–17]. In this work, a commercial poly-
propylene hollow fi ber membrane contactor (Liquicel®) 
for CO2 recovery is used as the membrane device 
to evaluate the process effi ciency and mass transfer 
when the ionic liquid 1-ethyl-3-methylimidazolium 
ethylsufate is used as the absorption liquid. The mass 
transfer through the membrane contactor is compared 
with that obtained when a ceramic hollow fi ber con-
tactor (Hyfl ux®) is used for SO2 recovery [2,3], and it is 
evaluated in terms of the applicability for reaching a 
specifi c target of CO2 recovered.

2. Mass transfer

Assuming membrane with gas-fi lled pores, overall 
mass transfer coeffi cient, Koverall, can be split into a com-
bination of resistances for membrane phase, km, liquid 
phase, kl, and gas phase, kg in a resistance-in-series model 
[12–14]. Considering chemical reaction in the liquid side 
(expressed by the enhancement factor, E) the equation is 
the following Ref. [18].

overall
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where do, di and dlm are the outside, inside and log mean 
diameters in (m) of the hollow fi bre and km is the mem-
brane mass transfer coeffi cient (m · s–1).

For gas fl owing outside parallel to the hollow fi ber, 
the mass transfer coeffi cient can be estimated from
Ref. [18]:
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where dh is the hydraulic diameter (m); DCO2,b is the 
diffusion coeffi cient of the gas phase (m2 · s–1); L is the 
fi bre length (m); and υ (m2 · s–1) is the kinematic viscos-
ity. When the fl ow inside the hollow fi ber is laminar, the 

mass transfer coeffi cient of liquid phase is given by the 
Lévêque equation [18]:
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where di is the internal fi bre diameter (m), and DCO2, l is 
the diffusion coeffi cient in the liquid phase (m2 · s–1)

3. Experimental

3.1. Materials and methods

Basically, it consisted of a gas mixture containing sul-
fur dioxide (10 ± 0.02 vol.%), oxygen (21 ± 0.02 vol.%) 
and nitrogen (rest to balance). Air was used to dilute the 
gas stream. A ceramic hollow fi bre membrane contac-
tor was used with the features shown in Table 1. The 
ionic liquid 1-ethyl-3-methylimidazolium ethylsulfate 
([EMIM][EtSO4] or EMISE) was used as absorption liq-
uid due to its low viscosity, low toxicity, and low cost [6].
Materials and methods for SO2 absorption have been 
described previously [2].

For CO2 absorption 1-ethyl-3-methylimidazolium 
ethylsulfate ([EMIM][EtSO4] or EMISE) was also used as 
the absorption liquid. It was supplied by Green Solu-
tions (Vigo, Spain). Carbon dioxide (99.7 ± 0.01 vol.%), 
was obtained from Air Liquide (Spain) and pure nitro-
gen (99.999 ± 0.001 vol.%) from Air Liquide (Spain) was 
used to dilute gas stream.

The hydrophobic hollow fi ber contactor was sup-
plied by Liquicel® Membrane Contactors (USA). 
According to the commercial specifi cations, the micro-
porous hollow fi ber membrane is a thin wall, opaque, 
symmetric, polypropylene membrane with a nomi-
nal internal diameter of 220 microns. Wall thickness is 
40 microns. The pore size of the fi ber is 0.04 microns, 

Table 1
Hollow fi ber membrane contactor comparison

 CO2 recovery SO2 recovery

Membrane material Polypropylene α-Al2O3
Fiber o.d. d0, (m) 3 × 10–4 4 × 10–3

Fiber i.d. di, (m) 2.2 × 10–4 3 × 10–3

Fiber length, L (m) 0.115 0.44
Number of fi bers, n 2300 280
Effective inner membrane 
area, A (m2)

0.18 0.1

Membrane thickness, δ (m) 0.4 × 10–4 5 × 10–4

Membrane pore diameter, 
dp (μm)

0.04 0.1
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 and the porosity is 40% (ε = 0.4). Potting and housing 
materials were polyurethane and polycarbonate, respec-
tively. In the hollow fi ber membrane contactor, the gas 
stream fl ows through the shell side and the absorption 
liquid fl ows counter currently through the inside of the 
hollow fi bers. In Table 1, this contactor is compared with 
the ceramic contactor used for SO2 absorption [2].

The composition of the feed gas stream ranged from 
8 to 41 vol.% CO2 and N2 (rest to balance). The range 
of experimental conditions is shown in Table 2 and the 
experimental setup for CO2 absorption is shown in Fig. 1, 
while for SO2 has been described in a previous work [2].

The feed gas stream was adjusted by means of mass 
fl ow controllers (Brook Instrument MFC 5850, Emerson 
Process Management, Spain), which allows the control 
and measurement of the gas fl ow. Pressure gauges at 
the inlet and outlet of the contactor show the gas pres-
sure, while a needle valve was installed at the outlet in 
order to maintain the desired pressure, if necessary. The 
absorption liquid was pumped from the storage tank. 
The control and measurement in the liquid line was car-
ried out by a digital gear pump (Cole Parmer Instrument 
Company, Hucoa-Erloss S.A, Spain), which permits the 
control of the liquid fl ow. A valve was used at the outlet 
to prevent accidental passing of gas bubbles into the liq-
uid. The measurement of pressure in the liquid line was 
similar to that in the gas line.

Mass transfer fl ux of carbon dioxide in the gas phase 
has been calculated according to this equation:

2 2 2CO , O ( ),in O ( ),out( )c c
g

g g g
Q

N C C
A

= −  (4)

where Qg is the gas fl ow rate (m3 · s–1) and A is the mem-
brane area (m2).

The overall mass transfer coeffi cient, Koverall (m · s–1) 
can be experimentally evaluated from the fl ux through 
the membrane:
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PT is the total pressure in the gas phase (atm) and 
Δylm is the logarithmic mean of the driving force based 
on gas phase molar fractions and taking into account the 
carbon dioxide concentration in the inlet (yCO2(g), in) and 
the outlet (yCO2(g), out) of the contactor:
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Assuming that carbon dioxide concentration in the 
solvent is very far from the saturation in the experi-
ments, the infl uence of the gas–liquid equilibrium 
has been neglected: y*in ≈ y*out ≈ 0. In addition, the CO2 
removal effi ciency (%) is defi ned as:
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4. Results and discussion 

Carbon dioxide absorption in EMISE was per-
formed in a polypropylene hollow fi ber membrane 
module in order to evaluate the process effi ciency and 

Table 2
Experimental conditions in the membrane gas
absorption contactor

[EMIM][EtSO4] CO2 recovery SO2 recovery

Pressure at the inlet of gas
line (bar gauge)

0 0

Pressure at the inlet of
liquid line (bar gauge)

0.200 0.125

Pressure drop (gas line)
(bar)

0 0.02

Pressure drop (liquid line) 
(bar)

0.195 0.095

Composition of feed gas 
stream (vol.%)
CO2/SO2 8–41 3.3
N2/Air N2/Rest to 

balance
Air/Rest to 
balance

Temperature (K) 288 ± 1 289 ± 1
Gas fl ow rate (l · min–1) 0.01 1
Liquid fl ow rate (l · min–1) 0.05 1

Membrane
contactor

Absorption liquid Pump

CO2

Gas filter

Gas filter

CO2 Analyzer

Exhaust

Mass flow
controllers

Rotameter

Pressure
gauges

Needle
valve

Liquid line Process gas line

TI

Fig. 1. Schematic drawing of experimental setup.
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mass transfer behavior. The outlet concentration of car-
bon dioxide calculated as CCO2(g), out/CCO2(g), in at pseudo-
steady state, ranged between 0.65 and 0.7, which 
indicates a process effi ciency of around 28–35% accord-
ing to Eq. (7) for the studied experimental conditions.

Pseudo-steady state was obtained after about 1 h 
operating time for the studied range of carbon diox-
ide concentration (8 to 41% of CCO2(g),in). Fig. 2 shows an 
example of some experiments for different concentra-
tions of CO2 at the inlet of the contactor with a gas fl ow 
of 10 ml · min−1 and a liquid fl ow of 50 ml · min−1.

The absorption fl ux depends on the carbon concen-
tration at the inlet of the contactor, as shown by Eq. (4). 
From Fig. 3 the overall mass transfer coeffi cient can 
be estimated from the Eq. (1) as the linear relationship 
between the absorption fl ux and the driving force in the 
hollow fi ber module expressed as Δylm. This coeffi cient 
takes a value of Koverall = (3.69 ± 0.18) × 107 m s1, in simi-
larity to values reported in the literature where polypro-
pylene hollow fi ber module and Diethanolamine (DEA) 
solutions were studied [10].

According to Eq. (1), the overall mass transfer coef-
fi cient of the hollow fi ber module is related to mass 

transfer resistances in the gas, liquid and an additional 
resistance introduced by the membrane itself. To apply 
Eqs. (2) and (3), which allow the estimation of the indi-
vidual mass transfer coeffi cients in the gas and liquid 
phases, parameters listed in Table 3 have been used.

The Henry’s law constant is an estimated value taken 
from studies focused on CO2 absorption using 1-ethyl-
3-methylimidazolium-based ionic liquids [19,20]. Thus, 
the mass transfer coeffi cients in the gas phase, kg and 
liquid phase, kl, take a value of 6.22 × 106 m · s–1 and 
5.26 × 10–6 m · s–1, respectively, according to Eqs. (2) and (3).
By introducing kg, kl, H and experimental Koverall in Eq. (1), 
assuming equilibrium conditions and E = 1 (no enhance-
ment by chemical reaction) a mass transfer coeffi cient in 
the membrane is obtained (km = 4.62 × 10–7 m · s–1).

Hence the liquid phase and gas phases produce a 
resistance of 1.2% and 5.9% of the overall resistance. This 
involve that the polypropylene membrane produces 
the main resistance to mass transfer, taking a value of 
around 92.9% of the overall resistance.

If the membrane is the only resistance to mass trans-
fer and considering that pores are fi lled with gas, the 
effective diffusion coeffi cient would be Deff = 4.94 × 
10–7 m2 s–1, according to the expression:

2CO
eff

D
D

ε
=
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

 
(8)

where Dco2 is the diffusion coeffi cient of the gas, esti-
mated according to Appendix A, and ε and τ are the 
porosity and tortuosity, respectively. Porosity of the 
membrane is 0.40 and tortuosity usually ranges between 
2 and 6, averaging about 3. These values can be rational-
ized because solutes diffuse in three directions instead 
of one, so they diffuse about three times as far [18].

On the other hand, if the effective diffusion coeffi-
cient is calculated considering the experimental over-
all mass transfer coefficient, the next equation may be 
applied, since the membrane is the main resistance to 
mass transfer:

0
eff overall

⎛ ⎞
= δ = δ⎜ ⎟⎝ ⎠

  m
lm

dD k K
d

 (9)

Fig. 2. CO2 inlet concentrations versus experimental time.
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Fig. 3. Absorption fl ux versus carbon dioxide logarithmic 
mean molar fraction when EMISE is used as absorption liquid.

Table 3
Parameters used in Eqs. (1), (2) and (3)

vl, m·s–1 9.53 × 10−3

vg, m·s–1 7.49 × 10−4

Dl, CO2
, m2·s–1 3.02 × 10−10

Dg,CO2
, m2·s–1 1.47 × 10−5

u, m2·s–1 8.26 × 10−6

H, dimensionless 0.122
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  where do and dlm are the outside and log mean diameters 
of the hollow fi ber, and δ is the membrane thickness; a 
value of Deff = (1.72 ± 0.18) × 10−11 m2 s−1 is obtained.

These differences between the theoretical Deff and 
that obtained from experimental results could be associ-
ated with wetting of the membrane since the obtained 
value is in the typical range of diffusivity in a solid matrix 
with liquid occluded into pores (10−8–10−12 m2 s−1) [21].
This effect of wetting would increase the resistance to 
mass transfer of the membrane signifi cantly [22,25] but 
a deeper study is required to enforce this hypothesis.

Regarding SO2 recovery, the mass transfer coef-
fi cient obtained in a previous work [2] took a value of 
Koverall = (3.38 ± 0.09) × 10−6 m s−1. The overall mass trans-
fer coeffi cient result 9.16 times higher than that obtained 
in CO2 system. The ceramic membrane was the main 
resistance to mass transfer, but results lower than the 
overall resistance obtained when polypropylene mem-
brane is used, because in spite of the higher thickness 
only 4% wetting was obtained. This is an interesting dif-
ference to consider because ceramic membranes could 
become a strong competitor of polymeric membranes, 
also because of their chemical and thermal resistance. 
Further research will be focused on the use of ceramic 
contactor for CO2 recovery.

5. Conclusion

The evaluation of carbon dioxide absorption using 
a polypropylene hollow fi bre contactor and the ionic 
liquid 1-ethyl-3-methylimidazolium ethylsulfate as 
absorption liquid has been experimentally verifi ed. 
About 1 h is needed to achieve a pseudo-steady-state. 
Results show that around 28–35% of carbon dioxide can 
be recovered under experimental conditions studied 
and an overall mass transfer coeffi cient of Koverall = (3.69 ± 
0.18) × 10−7 m · s−1 has been obtained. Mass transfer coef-
fi cient in the gas, kg and liquid phase, kl take a value of 
6.76 × 10−6 m · s−1 and 5.26 × 10−6 m · s−1, respectively, and 
membrane mass transfer coeffi cient results km= 4.58 × 10−7

m · s−1. Thus, the polypropylene membrane produces the 
main resistance to mass transfer with 92.9% of infl uence 
on the overall resistance. An effective diffusivity of Deff =
(1.72 ± 0.18) × 10−11 m−2 s−1 is obtained in CO2 system, 
which is in the typical range of values obtained when a 
liquid is occluded in a solid matrix.

Mass transfer coeffi cients in a polymeric and ceramic 
membrane have been compared. Polymeric membranes 
are of great interest for this application because of hydro-
phobic character, commercially availability and price. 
However, in this work a lower overall mass transfer 
coeffi cient value has been reported compared to that 
obtained in a previous work for a ceramic membrane [2]. 

Furthermore chemical resistance of polymeric materials 
is limited, contrasting with the high chemical and ther-
mal resistance of ceramic membranes.
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Appendix A. Diffusivity

Since pore diameter, dp, in the membrane is 4 × 10–8 m; 
membrane diffusion coeffi cient is a combination of bulk 
and Knudsen diffusion coeffi cients [26].

2 2CO CO ,

1 1 1
b KnD D D

= +
 (10)

The molecular diffusion coeffi cient in the gas phase 
can be calculated by the Fuller equation according to [21]:
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Units of T and P are K and Pa, respectively. MA and MB 
are molecular weights in g · mol−1. is the summation of 
atomic diffusion volumes, and for air and carbon dioxide 
take a value of 20.1 and 26.9, respectively. The Knudsen 
diffusion coeffi cient can be determined as [21,27]:

1 8
3Kn p

RT
D d

M
=

π
 (12)

where dp is the pore diameter (m), R is the gas constant 
(J · kmol−1 · K–1), T is the temperature and M is the molec-
ular weight (Kg · kmol–1).
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