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A B S T R AC T

Using a solution-diffusion mechanism, the rate of mass transport in pervaporation process 
was determined. A method to determine the parameters of the applied model, i.e., mass 
transport coeffi cients in the liquid and gas phase and partition coeffi cients on both sides 
of membrane surface was presented. Experiments were conducted in phenol-water and 
p-cresol-water system using a PDMS composite membrane (Pervatech, the Netherlands). 
Results of vacuum pervaporation were used to calculate mass transfer resistance in the liquid 
phase and the partition coeffi cient on the membrane surface. Experimental values obtained in 
vacuum pervaporation have shown that resistance in the liquid phase is in the range from 
10 to 40% of the total resistance and cannot be neglected. The experiments with a sweep gas 
pervaporation process allowed to determine mass transport resistance in the inert phase, 
which appeared to be a limiting parameter of the mass transport rate.
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1. Introduction

Pervaporation is one of the recently developed, 
still not fully explained and described membrane pro-
cesses. Its selectivity depends fi rst of all on the applied 
membrane. For this reason, most references dedicated 
to pervaporation deal with the membranes properties 
and selective mass transport through membranes [1–6]. 
The fi rst pervaporation membranes, dense by nature, 
were relatively thick (100–1000 µm) which implies high 
resistance of mass transport by diffusion. In such a case, 
resistance of other stages of interfacial mass transport 
was neglected. The permeate fl ux obtained using these 
membranes is small, and sometimes even very small.
A decrease of separating layer thickness which occurs 
in thin, composite pervaporation membranes remark-
ably increases the permeate fl ux [1,3,6]. In this case mass 

transport resistance in the membrane decreases to such 
a level that it stops being predominant and should not 
be identifi ed with total mass transport resistance.

In this paper, a solution-diffusion mechanism of the 
process was assumed and mass transport was described 
using a model, which is classical for chemical engineer-
ing, the resistances-in-series-model with the application 
of activity difference as a driving force of the process [7,8].

An argument for selecting this model is that for 
diluted solutions which will be discussed in the paper, 
mass transport in the pervaporation process proceeds 
according to the concentration (activity) gradient, 
and the effect caused by concentration polarization is 
negligible [9–13]. 

This results from the fact that in the pervaporation 
process, the membrane was selected in such a way as 
to show preferential transport of components relative 
to the solvent. In this case there is no concentration of 
these components at the membrane surface, which is 
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characteristic of the concentration polarization. The 
accumulation can occur only in the case of a solvent. 
However, its concentration in the retentate in cases dis-
cussed in the present paper exceeds 99% wt. Hence, 
with suffi cient accuracy the kinetics of its transport to 
the membrane surface can be identifi ed with the kinetics 
of pure solvent transport.

Two cases of generating driving force were ana-
lyzed: either keeping a suffi ciently high vacuum on the 
permeate side, or transferring inert (sweep) gas through 
the permeate chamber. 

Fig. 1 shows the concentration profi les in vacuum 
pervaporation characteristic for solution-diffusion 
mechanism of the process. The total mass transport 
resistance for a given component can be divided into 
two parts [7,8,14,15]:

• resistance in the liquid phase, determined by convec-
tion and diffusion,

• resistance in the membrane, determined by diffusion 
and phase equilibrium.

The description of this process, classical for chemical 
engineering, leads to the equation:
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where partition coeffi cients on the interfaces (Fig. 1) are 
given by the relations

2, 2, 3, 3,
1, 2,

1, 1, 4, 4,
;j j j j

j j
j j j j

c c
m m

c c

γ γ
γ γ

= =
 
 

 (2)

A further transport of mass, i.e., a mixture of the 
vapor of the system components from the dense mem-
brane surface, proceeds by convection mechanism.

4, 4,( )j j kP c P P f∑ = + Δ =
 
 (3)

where f (support parameters, fl ow type, Σ Ji)
Pressure drop in vapor transport trough both sup-

ports depends on their hydraulic parameters. Knowing 
these values one can defi ne whether this is viscous or 
Knudsen fl ow, and after calculation of ΔP, the pressure 
(P4,j) and its corresponding concentration of particular 
components (c4,j) can be determined. The method to cal-
culate pressure drop and values obtained for the applied 
equipment have been described earlier [16]. Next, from 
model Eqs. (1) and (2) mass fl ux and distribution of 
concentrations of components permeating through the 
membrane can be calculated. The parameters of this 
model are: kl,j, m1,j, m2,j, Dm,j, sm and Pk.

In the case of diluted solutions, the infl uence of cross 
effects on diffusion coeffi cient is small and can be con-
sidered insignifi cant in the discussed process [7,17]. 
Hence, it was assumed that the diffusion coeffi cient was 
constant [7,12]. 

Fig. 2 shows the concentration profi les in the case 
of sweep gas application. In this version of the process, 
the difference of concentrations is a driving force at all 
stages of mass transport. Mass fl ux is described by the 
equation
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The fi rst two terms of the denominator are identical 
as in case of vacuum pervaporation and describe mass 
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Fig. 1. Concentration profi les in vacuum pervaporation.
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Fig. 2. Concentration profi les in sweep gas pervaporation.
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 transport resistance in the liquid phase and in the mem-
brane separation layer. Two others terms of the denom-
inator represent resistance of mass transport through 
the pervaporation membrane support and to the gas 
phase. It is worth noting that due to a porous structure 
of the membrane support, different from the struc-
ture of membrane separation layer, the area of surface 
through which mass is transported, is the other one. 
This is expressed by parameter ε porosity of membrane 
support (ε). The additional parameters of this model 
are: Dg,j, kg,j, ss, ε.

Mass transport in the pervaporation process is 
accompanied by heat transport [7,18]. Fig. 3 shows a 
temperature profi le occurring in a sweep gas pervapo-
ration. Heat required to evaporate the permeate stream 
is taken from the retentate stream. 

In the case of vacuum pervaporation, assuming the 
process is adiabatic, the heat balance is described by the 
following equation

, , , 1( )r p r r in r out j jQ c T T Q J r
•

− = = Σ    (5)

The following equation describes heat transport 
from retentate to the interface membrane separation 
layer and membrane support, where the stream of per-
meating components is evaporated:
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where heat transfer coeffi cient (K1) is expressed by the 
relation:
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In the case of pervaporation to gas stream, there is an 
additional heat stream whose direction depends on the 
sign (+/–) of temperature difference in Eq. (8)
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Heat fl ux used to the evaporation of permeate is the 

difference of 
•
1Q  and 2Q

•
.

2. Experimental

Experiments were carried out using a homoge-
neous water solutions of phenol (POCH Gliwice, 
Poland) and p-cresol (REACHIM, Poland) in a batch 
process at the concentration of 0.25–4.0 kg m−3. A sepa-
rating membrane was a commercial composite mem-
brane with a dense polydimethylsiloxane fi lm (2 µm) 
(PDMS) supported on a porous polyacrylonitrile car-
rier (PAN) (Pervatech, the Netherlands) with porosity 
0.4. In vacuum pervaporation experiments were per-
formed on a Sulzer Chemtech (Germany) laboratory 
system, where ca. 2 l of retentate circulated between 
the membrane module and feed tank (Fig. 4). In the 
experiments feed temperature was monitored in the 
tank, as well as at the inlet and outlet from the mem-
brane cell. Pressure on the permeate side was reduced 
by a vacuum pump. 

To carry out experiments with sweep-gas, a self-
made pervaporation cell without a support from sintered 
metal was built. The membrane cell structure allowed 
us to maintain the same retentate hydrodynamics as in 
the vacuum pervaporation system. The membrane was 
supported on a grid made from steel bars of diameter 
0.8 mm distant from each other by 10 mm. In the case 
of sweep gas pervaporation air was blown through the 
permeate zone in the membrane cell. Before entering 
the membrane cell, the air taken from atmosphere was 
heated up to decrease its relative humidity. Similar to 
the vacuum pervaporation the process was carried out 
in batch system.

In both analyzed pervaporation systems, permeate 
vapors entered a two-section system of condensers that 
operate alternatively. That made possible to take the 
collected permeate to analysis without disturbing the 
process. A cooling medium was a mixture of ice with 
calcium chloride at the temperature 261K.

To determine the permeate stream, condensed 
vapors were heated up to room temperature and 
then weighed. Streams of particular permeates were 
calculated from the total mass flux and organic sub-
stance concentration in the permeate. Each time, dur-
ing the experiment the retentate composition was also 
measured. 
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Fig. 3. Temperature profi le in inert gas pervaporation.
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transport way was calculated. Basing on the knowl-
edge of the permeate stream and its composition, heat 
fl ux required to permeate evaporation was calculated. 
For permeate streams obtained at retentate temperature 
ranging from Tr = 323–353 K, this value was Q = 16–47 W, 
respectively. Using the heat balance equation (Eq. [5]) a 
decrease of retentate temperature at the fl ow through a 
pervaporation cell was calculated. In vacuum pervapo-
ration, where permeate streams and also heat fl uxes 
were the much biggest then sweep gas pervaporation, 
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Fig. 4. Experimental setup: 1-membrane cell, 2-cold traps, 3-tank of molten refrigerant, 4-vacuum pump, 5-buffer tank, 
6-feed pump.
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Fig. 5a. Phenol stream vs. its concentration in retentate at 
T = 333 K: � in vacuum pervaporation (Pk<1 hPa), � in sweep 
gas pervaporation (Qg = 6.910–5 m3 s–1).
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Fig. 5b. Water stream vs. phenol concentration in retentate at 
T = 333 K: � in vacuum pervaporation (Pk<1 hPa), � in sweep 
gas pervaporation (Qg = 6.910–5 m3 s–1). 

3. Results and discussion

The series of experiments were carried out for differ-
ent retentate fl ow and concentration, temperature and 
pressure in the condensation zone. Examples of values 
characterizing the process are given in Figs. 5a and 5b.

3.1. Determination of parameters in the model 

Since pervaporation is not an isothermal process, fi rst 
for each experiment a temperature gradient along mass 

.
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 temperature drop on the retentate did not exceed 0.1 K. 
Hence, it can be concluded that in the cell on the retentate 
side the conditions are isothermal. This was confi rmed 
experimentally by measuring a temperature difference 
in the retentate at the membrane cell inlet and outlet.

To estimate the coeffi cient of heat transfer from the 
retentate to membrane surface, a number of correlations 
for heat transfer to a fl at wall were analyzed and the 
following one was selected [1,11].

0.5 0.33Nu 0.66 Re Pr=    (10)

In this equation a characteristic linear dimension 
to calculate the Nusselt and Reynolds numbers is the 
length of plate L. It was assumed that L was equal to 
the membrane cell radius. The equation holds when 
Re < 400,000 and Pr > 0.6.

Experiments carried out at varying process param-
eters showed that water was a dominating component of 
the permeate, and its stream depended only on tempera-
ture (Fig. 5b). As a result, a change of the retentate stream 
has practically no infl uence on heat fl ux needed for 
evaporation (Q1). Heat transport coeffi cient which infl u-
ences the membrane surface temperature (T1) depends 
on the retentate fl ow turbulence. The value of transfer 
coeffi cient in the applied retentate stream Qr = 2.03 × 10–5 
to 9.37 × 10–5 [m3 s–1] and temperature Tr = 323–353 [K] 
ranged from αl = 441–1012 [W m–2 K–1]. Fig. 6 shows the 
dependence of temperature difference Tr and T1, calcu-
lated on this base on the retentate stream.

This is a signifi cant temperature drop which should 
not be neglected, particularly for partition coeffi cient 
determination. 

Temperature T2 was calculated at the known thermal 
conductivity coeffi cient which was λm = 0.185 [W m–1 K–1] 
for polydimethylsiloxane [2]. The value of T2 is practi-
cally equal to T1, which means that there is no tempera-
ture gradient in the membrane separation layer.

In the determination of partition coeffi cient m1(T2) 
by means of subsequent approximations, the calculated 
temperature profi le in each experiment was taken into 
account.

In the case of pervaporation to sweep gas, it was 
found that heat fl ux Q2 between the dense membrane 
surface and air stream could totally be neglected, and 
the temperature profi le in this part of the system has no 
effect on the process.

In a previous paper pressure drop during fl ow 
through the membrane supports and the effect of pres-
sure in the condensation zone on the permeate stream 
was analyzed [16]. For the small values of pressure Pk 
a linear decrease of the stream was observed with an 
increase of this pressure. In this paper values of perme-
ate stream obtained at pressure Pk extrapolated to zero 
were taken to calculation. 

In order to determine mass transport coeffi cient in 
the liquid phase in the vacuum pervaporation system, 
permeate streams were measured at different values of a 
retentate stream. Fig. 7 shows an example of the relation.

It is assumed that mass transfer coeffi cient in the liq-
uid phase can be described by the correlation [11,12,19]

 a 0.33Sh Re ScC=   (11)

The Reynolds number is defi ned as
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h
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η η η
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where dh is the membrane cell radius (dh = 0.07 m). Values 
of Reynolds number in the measurements range from 
600 to 2800.

Using the experimentally determined dependence of 
the fl ux of a given component on its concentration in the 
retentate, model parameters were estimated by means 
of nonlinear regression. The regression analysis was 
performed for the equation which had been obtained 

Fig. 6. Dependence of temperature drop in the near mem-
brane layer on retentate stream (Qr) and its temperature:
� 323 K, � 333 K, � 343 K, � 353 K.
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after substituting to Eq. (1) the value of mass transfer 
coeffi cient (k) described by Eq. (11). 

In the fi rst step of approximation, both two activity 
coeffi cients were assumed to be equal to unity. 

Term 
4, 4, 2,

1,

j j j

j

c m

m

γ 
 in model equation containing 

parameter m2 appeared statistically insignifi cant in the 
regression analysis. This means that in the experimental 
conditions it can be assumed that driving force of the pro-
cess is a function of concentration of a given component 
in the retentate.
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This simplifi cation is justifi ed because in a diluted 
solution which in the considered case is the retentate, 
the activity coeffi cient is usually much higher than unity, 
and then the subtracted term in Eq. (13) could be omitted. 
Hence, the model equation can be simplifi ed to the form:
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In fi nal regression analysis the following equation 
was used:
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The correctness of this equation was confi rmed by 
experimental data presented in Fig. 5. 

It was assumed that the value of activity coeffi cient is 
constant in the considered range of process parameters. 
This simplifi cation leads to identical formulas which 
were obtained in the classical approach used in chemi-
cal engineering, where the difference of concentrations 
of a given component is used to determine k (e.g., Eq. 
[11]) and m. 

*
j j jJ k c= Δ  (16)

*
, , ,l j l j r jk k γ=   (17)

*
1, 1, ,j j r jm m γ=   (18)

A result of the calculations are the values of m*1,j ,
C and a.

The obtained values constants in Eq. (11) were C = 2.06 
and a = 0.54. Due to invariable geometric parameters 
of the used apparatus, the obtained correlation is valid 
only for the tested equipment. Exponent at the Reynolds 
number is close to values characteristic of similar mass 
transport cases [7,11]. The values of partition coeffi -
cients m*1,j determined simultaneously for the tested sub-
stances depending on temperature are given in Table 1.
The temperature gradient discussed above was taken 
into account in the calculations. For practical reasons 
the value of m*1,j in Table 1 was referred to the retentate 
temperature.

Much lower values for water confi rmed that the 
applied membrane was hydrophobic and the transfer 
of organic substances was privileged; for p-cresol being 
more hydrophobic than phenol, the partition coeffi cient 
is higher.

In sweep gas pervaporation, mass transport in the 
liquid phase and in the membrane separation layer pro-
ceeds in the same way as in the vacuum process. Using 
results of the experiments carried out at different air 
streams (Fig. 8), an attempt was made to estimate model 
(Eq. [4]) parameters, i.e., kg,j and m2,j, applying nonlinear 
regression.

For this purpose it was assumed that mass trans-
fer coeffi cient in the gas phase can be described by 
the correlation analogous (Eq. [11]) to that used in the 
case of transfer in the liquid phase. Due to a slightly 

Table 1
Values of partition coeffi cient m1*

T [K] Phenol p-cresol Water

323 0.178 0.811 0.926 • 10−4

333 0.275 1.185 1.280 • 10−4

343 0.460 1.690 1.600 • 10−4

353 0.650 2.425 2.000 • 10−4
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Fig. 8. Phenol stream vs. air stream for retentate tempera-
ture T = 333 K  and concentration cr = 4.0 kg m–3 .
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different stream profi le in the permeate chamber and 
a principally different range of the Reynolds number 
(60–215), the constants values of correlation obtained 
from the analysis of mass transport in the liquid phase 
cannot be used. The applied procedure was the same as 
in the case of vacuum pervaporation.

The statistical analysis shows that also in this case 

term 6, 6, 2,

1,

j j j

j

c m

m

γ 
 in model Eq. (4) and mass transport

 resistance in membrane support were insignifi cant. Con-
sequently, on the basis of mentioned experiments con-
stant C in correlation (11) and parameter m2,j could not 
be determined as separate values. It was only possible 
to calculate the resistance of mass transport to the gas 
phase (the fourth component of sum in the denominator 
of Eq. [4], and on this basis the exponent at the Reynolds 
number a = 0.66 and quotient C/m2,j were determined. 

Values of this quotient given in Table 2 allow us to 
analyze the effect of temperature on partition coeffi cient 
m2,j. In this case, just as it was with m*1,j, the values of this 
quotient were referred to the retentate temperature. It is 
worth noting that due to evidently smaller streams of 
mass than in the vacuum pervaporation, in the case of 
pervaporation to sweep gas the temperature gradient is 
much smaller.

A decrease of m2,j with temperature growth is 
observed. However, equilibrium in this case refers to 
the membrane-gas system and depends additionally on 
a given component saturation pressure.

4. Analysis of mass transport resistances

Fig. 9a–9c illustrate the temperature dependence 
of relative (in ratio to the values for T = 323 K) per-
meate fl uxes, saturated vapor pressure and parti-
tion coeffi cient m1 for phenol, p-cresol and water, 
respectively.

These values do not overlap. The saturated vapor 
pressure increases much faster than the permeate fl ux of 
a given component. 

In many models of mass transport through the dense 
membrane described in literature [1,6,15,18], a driv-
ing force of the process is taken like the difference of 

saturated vapor pressure and partial pressure of a given
substance on the permeate collection side, the latter being 
usually compared to zero. In this approach, the model 
would predict the obviously overestimated values of the 
permeate stream. Hence, to obtain model values corre-
sponding to experimental ones, the other parameter of 

Table 2 
Values of m2 C

−1

T [K] Phenol p-cresol Water

323 97.1 21.1 11.2 • 104

333 106.4 27.3 14.1 • 104

343 111.1 37.2 16.0 • 104

353 129.9 46.9 21.2 • 104
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Fig. 9a. Dependence of relative saturated vapor pressure of 
phenol (1), its fl ux at retentate concentration cr = 4.0 gl−1 (2) 
and m1*  (3) on feed temperature.

Fig. 9b. Dependence of relative saturated vapor pressure of 
p-cresol (1), its fl ux at retentate concentration cr = 4.0 gl−1 (2) 
and m1*  (3) on feed temperature.
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Fig. 9c. Dependence of relative saturated vapor pressure of 
water (1), its fl ux (2) and m1*  (3) on feed temperature.
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mentioned models, the so-called membrane permeability, 
which is expressed as a product of solubility and diffusiv-
ity of a substance penetrating the membrane should be a 
signifi cant decreasing function of temperature. However, 
physicochemical measurements [4,9,18] do not confi rm 
such a relation, which underrates these models. 

The discussed model covers all stages of mass trans-
port and the knowledge of model parameters enables 
determination of the contribution of their resistances. 
Table 3 gives values of diffusion coeffi cients in the mem-
brane and air for substances tested in this study.

Table 4 gives values an example that characterize 
mass transport in the tested vacuum pervaporation sys-
tem. Due to low concentration of substances dissolved 
in the retentate, mass transfer resistance of water in the 
liquid phase could be wholly neglected.

In the considered cases mass transport resistance in 
the liquid phase ranges from 10 to 40% and increases 
with process temperature growth. This follows from 
the fact that mass transfer coeffi cient in the liquid phase 
grows with temperature increase much slower than the 
partition coeffi cient m1 and the coeffi cient of diffusion 
through the membrane. This resistance is signifi cant 
and should be minimized by a proper structure of the 
retentate channel in membrane module and appropri-
ate selection of retentate stream turbulence. The above 
remarks refer to pervaporation membranes with the 
thickness of some microns only. Earlier produced

pervaporation membranes with separating layer thick-
ness of 100–1000 µm generate linearly bigger resistance 
to diffusion, which in many cases makes this transport 
resistance through membrane equals total mass trans-
port resistance. The results obtained allow us to deter-
mine absolute values of mass transfer coeffi cient in the 
liquid phase and to compare it with transport resistance 
through different membranes.

Table 5 shows a comparison of mass transport resis-
tance for phenol-water system which is characteristic of 
sweep gas pervaporation. The resistance of transport by 
diffusion through the membrane support, as negligible, 
is not presented in the table.

A similar distribution of mass transport resistance 
was obtained for the p-cresol-water system. It follows 
from Table 5 that transport resistance in the gas phase is 
very high. It constitutes 80–90% of the total mass trans-
fer resistance for organic substances and 37–48% for 
water. Hence, in the case of this pervaporation method, 
the conditions of mass transport in the gas phase should 
be intensifi ed.

5. Selectivity of the process

The proposed model enables very simple analysis of 
process selectivity. The selectivity of the mentioned pro-
cess is limited (Eq. [19]) to the ratio of total mass transfer 
coeffi cients kov for the compared components. 

Table 3 
Values of diffusion coeffi cient m2 s−1

T [K]      Phenol       p-cresol        Water

Membrane Air Membrane Air Membrane Air

323 3.2 · 10−11 0.98 · 10−5 2.2 · 10−11 0.89 · 10−5 0.84 · 10−8 2.97 · 10−5

333 3.7 · 10−11 1.04 · 10−5 2.5 · 10−11 0.94 · 10−5 0.95 · 10−8 3.15 · 10−5

343 4.1 · 10−11 1.10 · 10−5 2.8 · 10−11 0.99 · 10−5 1.05 · 10−8 3.34 · 10−5

353 4.5 · 10−11 1.16 · 10−5 3.1 · 10−11 1.05 · 10−5 1.17 · 10−8 3.55 · 10−5

Table 4 
Mass transport coeffi cient in the liquid k1*  and in the membrane km=m1* ·Dm,j/sm, at retentate fl ow Qr = 9.39·10–5 m3 s–1 and  
their contribution in total mass transfer resistance (R)

T [K] Liquid phase Membrane

         Phenol         p-cresol       Water            Phenol          p-cresol           Water

k1*  ·105 m s−1 % R k1*  ·105 m s−1 % R kl*   m s−1 % R km*  ·106 m s−1 % R km*  ·105 m s−1 % R km*  ·106 m s−1 % R

323 2.39 10.7 2.21 18.0 ∞ 0 2.85 89.3 0.49 82.0 0.39 100
333 2.81 15.3 2.59 24.3 ∞ 0 5.09 84.7 0.83 75.7 0.61 100
343 3.24 22.4 2.99 31.1 ∞ 0 9.42 77.6 1.35 68.9 0.84 100
353 3.70 28.4 3.42 39.0 ∞ 0 14.6 71.6 2.18 61.0 1.17 100
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is the membrane selectivity.
In the boundary case (a decay of mass transfer resis-

tance in the liquid phase) the process selectivity is equal 
to membrane selectivity.

/ /lim
l

m
i j i j

k
S S

→∞
=  (21)

Fig. 10 shows examples of process selectivity 
obtained in the experiments. Selectivity of the used 

membrane calculated from Eq. (15) are 5,6; 7,8; 9,8 and 
10,6 at temperatures 323, 333, 343 and 353 K, respectively.

6. Concluding remarks

Basing on results obtained in this work, the following 
conclusions can be drawn:

1. At the use of composite pervaporation membranes 
with thin separation layer mass transport resistance 
in the liquid phase (retentate) cannot be neglected. In 
our experimental conditions for organic substances 
it ranged from 10 to 40% of the total mass transport 
resistance.

2. Basing on the measurements of the permeate stream, 
partition coeffi cient at the liquid-membrane interface 
can be determined according to the method proposed 
in this paper. However, it is not possible to specify 
partition coeffi cient on the membrane-gas interface. 
When determining the value of m1 one should take 
into account the temperature gradient resulting from 
heat transport.

3. In sweep gas pervaporation the biggest mass trans-
port resistance occurs in the gas phase. In experi-
mental conditions it composed 80–90% of the total 
mass transport resistance for organic substances and 
37–48% for water. An intensifi cation of mass trans-
port conditions in this phase is the main objective in 
the sweep gas pervaporation method.
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Symbols

A — surface, m2 
a — exponent (Eq. [11])
C — constant (Eq. [11])

Table 5 
Mass transport coeffi cients (in 10–6 m s–1) and distribution (in %) of mass transport resistance in sweep gas 
pervaporation for Qr = 1.81·10–5 m3 s–1 and Qg = 2.5·10–4 m3 s–1

T [K]         Liquid phase           Membrane         Gas phase

   Phenol    Water    Phenol    Water    Phenol     Water

kl % kl % km % km % kg % kg %

323 9.81 2.7 ∞ 0 2.9 9.4 0.39 51.8 0.31 87.8 0.42 48.2
333 11.5 4.0 ∞ 0 5.1 9.0 0.61 52.1 0.52 87.1 0.66 47.9
343 13.3 6.0 ∞ 0 9.4 8.5 0.84 55.6 0.93 85.5 1.05 44.4
353 15.2 8.8 ∞ 0 14.7 9.0 1.18 62.5 1.61 82.2 1.96 37.5

Fig. 10. The effect of retentate fl ow hydrodynamics on 
phenol separation coeffi cient at retentate concentration 
cr = 4 kg m–3, Pk = 0 and retentate temperature: � 323 K, � 333 K, 
� 343 K, � 353 K.
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Cp —    heat capacity, J kg−1 K−1 
c — concentration, kg m−3 
D — diffusion coeffi cient, m2 s−1 
J — pervaporation fl ux density, g m−2 h−1 
K —  overall heat transfer coeffi cient, W m−2 K−1

k — mass transfer coeffi cient, m s−1

L — membrane cell radius, m 
m1, m2 —  partition coeffi cient on the membrane sur-

face
P — pressure, Pa 
Pk — pressure in the condensation zone, Pa 
Q — volumetric stream, m3 s−1

Q — heat fl ux density, W m−2

R — overall mass transport resistance, s m−1

r — heat of vaporization, J kg−1

S — selectivity 
s — thickness, m
α — heat transfer coeffi cient, W m−2 K−1

ε — porosity
λ — thermal conductivity, W m−1 K−1

η — viscosity, kg m−1 s−1

Subscripts

g — gas
i,j — component
l — liquid
m — membrane
p — permeate 
r — retentate
s — support

N
L

u
α

λ
=



Pr pcη
λ

=


Sh
k L

D
=
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