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ABSTRACT

This paper presents the experimental results to obtain drinking water from seawater by two
alternatives: The first consists of two stages of nanofiltration in series, comparing different
membranes of nanofiltration and reverse osmosis (RO) and second alternative is a stage of
nanofiltration and another stage of ion exchange. Two stages of nanofiltration at transmem-
brane pressures (TMP) 40 and 20 bars, respectively, temperatures between 10 and 15˚C, and
feed flow between 707 and 1,325 L/h showed that 99.9% total dissolved solids (TDS) and
Ca2+, Cl–, Mg2+, Na+, and SO2�

4 ions were removed, which meets the regulation of drinking
water in Chile. This was possible by the nanofiltration membrane NF90–2540 which reduced
TDS from 33.5 to 0.01 g/L, with 47.8 L/m2 h permeate flux in first stage and 65.7 L/m2 h in
the second stage, this was much greater that 15.56–16.08 L/m2 h in first and second stage,
respectively, obtained with typical RO membranes operating at the same TMP. Optimal
operating condition for nanofiltration is 10˚C of temperature and feed flow of 1,325 L/h.
However, one step of nanofiltration at 40 bar was unable to remove the required Cl– and
Na+ ions concentration to meet the Chilean and World Health Organization (WHO) drink-
ing water regulations, therefore it is necessary to carry out second stage of ion exchange.
For this stage, anionic resin Purolite A-300 and cationic resin Purolite C-100 were selected,
given the high capacity obtained for these experimental, 1.35 meq/g for the anionic resin
and 1.53 meq/g for the cationic resin, with rupture times around 115–150 min, respectively.
Optimal operating condition is low feed flow (20 L/h) for an inlet concentration of
853 mg/l, for which retention of 94% of chloride and sodium ions is obtained and complies
with Chilean regulations and the recommendations of the WHO.
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1. Introduction

Water scarcity is among the main problems to be
faced by many societies and the world in the twenty-
first century. Water use has been growing at more
than twice the rate of the population increase in the
last century, and, although there is no global water

scarcity as such, an increasing number of regions are
chronically short of water [1].

Chile is no stranger to this problem. Water has
been reduced due to global warming and changes in
the hydrological cycles. During the twentieth century,
the country experienced a loss of more than 40% of its
fresh water reserves, mainly in the North and Center.
Meanwhile, the 4th report of the Intergovernmental
Panel on Climate Change (IPCC) states that by 2040
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rainfall will decrease by 15% compared to the current
date, causing a negative effect on agriculture, drinking
water, process industries, energy sector, and others
[2].

Desalination is considered as an attractive and reli-
able technology for making new water available from
saline sources that forms 97.5% of the planet’s water
[3,4]. However, the conventional desalination tech-
nologies including the reverse osmosis (RO) process
are often considered an energy-intensive process. RO
desalination operates at a very high hydraulic pres-
sure in order to overcome the osmotic pressure of the
saline water and therefore requires significant energy.
More energy is consumed since RO process is prone
to membrane scaling and fouling problems [5–7].
Energy is a big issue because most energy sources are
fossil fuel-based which directly contributes towards
global warming and climate change, and therefore
have further implications on the water scarcity issues
[8–10].

Therefore it is necessary to seek other alternative
desalination technologies which are sustainable over
time, like the case of the nanofiltration, which has
lower operation cost because of the use of lower oper-
ating pressures in comparison to RO, which implies a
lower consumption energy [11].

In this work, therefore, higher salt concentrations,
representative of seawater salinity, will be handled
using three different commercial NF membranes. This
will establish the viability of using NF membranes in
the pretreatment step of desalination process. Towards
this end, three different nanofiltration membranes
(NF90, NF270, and NF30) and osmosis reverse mem-
brane (RO98) are tested using a cross flow filtration
cell. The effect of pressure on rejection and permeate
flux for different high salt concentrations (NaCl) in
raw seawater (up to 34,000 ppm) is determined.

1.1. Seawater desalination process and existent technologies

Seawater contains a variety of salts. Its high salin-
ity prevents it use for human consumption, so it is
necessary to reduce the salt load to comply with
national and international standards for drinking
water.

The increase in worldwide shortage of fresh water
resources and recent reduction in the cost of desalina-
tion technologies have enhanced the interest in potable
water production from saline waters. Generally desali-
nation technologies may be grouped into thermal
methods, i.e. multi-stage flash (MSF), multi-effect dis-
tillation (MED), and membrane processes, i.e. RO and
electrodialysis (ED) [3–8]. Of the above methods, MSF,

MED, and CV are economically inefficient, since hav-
ing a medium-high energy consumption and high
investment costs translating into high cost per unit of
water treated and ED method has the drawback to
purify brackish water only, so that the RO is the most
convenient method, whereas the ion-exchange process
provides high quality if the initial salt concentration is
less than 1 g/L and is a convenient method when
combined with any of the above processes.

Historically, most of installed seawater desalina-
tion capacity has been produced using thermal distil-
lation processes. Since 1990s, RO membrane systems
have become the fastest growing segment of the sea-
water desalination market. Actually, more than 14,000
plants produce over 65 million m3 of desalinated
water daily around the globe [12], principally in the
Mediterranean, the Middle East, and USA’s west
coast. However, also the aforementioned methods,
there are newer methods such as nanofiltration, which
is based on a process of filtration through semiperme-
able membranes, NF membranes have been proposed
as an alternative to RO membrane for desalting
seawaters.

1.2. Reverse osmosis (RO) and nanofiltration (NF)

Seawater is characterized by having high degree of
hardness, varying turbidity and bacterial contents, and
high TDS. These properties give rise to major prob-
lems such as scaling, fouling, high-energy require-
ments, and the requirement of high quality
construction materials. Conventional seawater thermal
and/or membrane desalination processes are complex.
To solve seawater desalination problems and to mini-
mize their effects on productivity and water cost of
conventional plants, nanofiltration membranes have
recently been employed in pre-treatment facilities in
both RO and thermal processes [13,14]. The NF mem-
brane pretreatment was found to be successful in the
removal of turbidity, residual bacteria, scale forming
hardness ions, lowering of the seawater TDS, and
reducing energy and chemical consumption [3]. This
will enhance the production of desalted water and
reduces its production cost; yet it is an environmen-
tally friendly process. In addition, the correct choice of
NF membrane is of vital importance for the pre-
treatment of seawater, which will make or break the
economical feasibility of the whole process.

NF membranes have intermediate rejection rate
between RO and ultrafiltration. Depending on the
membrane structure, NF membranes have high
rejection rate to divalent ions which exceeds 98% and
average to low rejection rate to monovalent ions [3,9].
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The permeability of NF membrane is several times
higher than RO membranes. Therefore, the main
advantage of NF membranes is the lower energy con-
sumption compared to RO membranes.

A recent comprehensive review on the use of
nanofiltration membranes in water treatment has been
presented elsewhere [15]. Many researchers [16] stud-
ied the rejection of different salts (e.g. NaCl, MgCl2,
Na2 SO4, CaSO4, and MgSO4) using different types of
nanofiltration membranes.

Their results showed that the rejection values chan-
ged according to the type of the NF membranes used.
Schaep et al. [17] found that the rejection of NaCl
using NF40 membrane was about 45% and this rejec-
tion increased up to 55% using UTC 20 membrane at
10 bars. The rejection of divalent ions was about 95%
for the two membranes.

Afonso et al. [18] had similar results for the rejec-
tion using Desal G-10 and Desal G-20 nanofiltration
membranes, while the rejection of NaCl was low at
around 15% using PE S5 nanofiltration membrane.
However, the above studies were carried out at low
salts concentrations.

The sudden flux decline during pressure-driven
membrane processes is a result of concentration polar-
ization and/or fouling. Concentration polarization
arises due to the membrane perm-selectivity. Solutes
are dragged to the membrane surface by convective
transport of the solvent, a fraction of which may pass
through the membrane, whereas the rejected solutes
accumulate in the membrane vicinity and may form
fairly viscous and gelatinous layers. The formation of
a gel-layer or a secondary membrane reduces the flux
and may also hinder the passage of low molecular
weight solutes [19,20].

Fouling results from the deposition of submicron
particles, as well as crystallization, precipitation, and
adsorption solutes on the membrane surface or inside
its pores. The extent of membrane fouling mainly
depends on the nature of the membrane used and the
feed characteristics. The first means for controlling this
phenomenon is a careful choice of the membrane type.
Secondly, a module design providing suitable hydro-
dynamic conditions for the particular application
should be chosen. An adequate feed pretreatment is
also fundamental [6].

As will be seen below, in a single-stage nanofiltra-
tion is not achieved the permissible limits set by cur-
rent regulations for potable water, then is necessary to
performing a second-stage nanofiltration or ion-ex-
change step. For example, combinations of RO and
ion-exchange resins have been used for desalting sea-
water and specifically for boron removal [11]. If the
boron is removed up to detection limit, the

ion-exchange process is more economical than RO
process. Black seawater has been softened using a
combination of RO and resins process, for boiler
waters production [21].

1.3. Ionic exchange

Ion exchange is a unit operation based on mass
transfer between a solid and a liquid phase. It
involves the transfer of one or more ions from the liq-
uid to the solid phase by ion exchange or displace-
ment of the same charge that are attached by
electrostatic forces to surface functional groups. The
process efficiency depends upon the solid–liquid equi-
librium and mass transfer rate. The solids are gener-
ally of polymeric type, the most common being based
on synthetic resins [22].

An ion-exchange resin can be considered a struc-
ture of hydrocarbon chains, which are attached
rigidly to free ionic groups. These chains are joined
transversely to form a three-dimensional matrix
which provides rigidity to the resin and wherein the
degree of crosslinking. Crosslinking determines the
internal porous structure of it. As ions must diffuse
inside the resin exchange, selecting the degree of
crosslinking can be limited the mobility of the ions
involved [23].

The charges of immobile ionic groups are balanced
with other ions, of opposite sign, called counter ions,
which are free and which are actually being
exchanged with the dissolved electrolyte. The ion-ex-
change process may be represented as a reversible
chemical reaction that takes place when a solution of
an ion is exchanged for other ions of the same sign
which is attached to an immobile solid particle, as
shown in Eq. (1) [22]:

R�OHðsÞ þ B�
ðIÞ $ R� BðSÞ þOH�

ðIÞ (1)

Eq. (1) represents the reaction between a functional
group whose resin is the hydroxyl ion and B– repre-
sents the anions present in the aqueous solution.

The resin capacity is usually expressed in dry
weight basis, wet weight, or volume of resin as meq
retained solute/g resin or meq/ml [23]:

Capacity ¼ �Mass of exchanged solute

Mass of resin

meq

g

� �
(2)

Capacity is a critical parameter for the selection of the
ion exchanger, high capacity is generally required for
to take place the separation or purification.
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Time from the start of the operation in the bed until
the dissolution ions appear in the output current, or
more precisely, when it reaches the maximum permissi-
ble concentration in the effluent is called the rupture
time (tR). At this time, the flow is diverted to a second
bed, starting the regeneration process for the first bed.
The rupture curves are usually of sigmoidal shape, but
may have a steep slope or be relatively flat and, in some
cases considerably distorted. If the adsorption process
was infinitely fast, the rupture curve would be a straight
vertical line. The actual speed and the mechanism of
adsorption, the adsorption equilibrium, the fluid veloc-
ity, the solute concentration in the feed, the length of the
ion-exchange bed, and particularly if the concentration
of solute in the feed is high, will determine the shape of
the curve produced in any system. Usually, the rupture
time decreases with decreasing height of the bed,
increases with the particle size of the adsorbent,
decreases with fluid flow through the bed, and decreases
with the initial solute content of the feed [22].

2. Material and methods

2.1. Microfiltration

Raw seawater was pretreated by microfiltration
stage using “Kerasep” 0.1 μm inorganic tubular mem-
brane (Rhodia-Orelis, France) in order to remove sus-
pension particles. The operating conditions for
microfiltration are 4 bar and ambient temperature.

2.2. Nanofiltration and RO membranes

(1) Alfa Laval Pilot Unit 2,5´´ RO/NF (www.al
falaval.com) was used for all the desalination
experiments. The operating pressure was of
40 bar in the first stage and 20 bar in the sec-
ond stage of nanofiltration, and operating tem-
peratures between 10 and 15˚C and feed flow
between 707 and 1,325 L/h. A detailed sche-
matic of the experimental process of nanofiltra-
tion and RO is presented in Fig. 1.

(2) Alfa Laval’s RO99pht 2517/30, NF99 2517/48,
NF99 HF-2517/30 and DOW’s NF90-2540
membranes were used in the experiments with
membrane surface area of 1, 0.7, 1.1 y 2.6 m2,
respectively, and spiral geometry type. For
every membrane tested, the desalination pro-
cess was performed in two successive stages
shows in Fig. 1.

(3) Temperature and pressure variables were con-
trolled and measured during the desalination
process and permeate flux, conductivity, and
salinity were measured for the desalinated water.

(4) Salinity analysis of desalinated water were per-
formed using methods such as Volhard and
Mohr method for chloride ions, gravimetric
methods for sulfate ions, complex reaction forma-
tion methods for the determination of calcium
ions, and magnesium and atomic adsorption
spectrophotometry for sodium ions.

2.3. Ion-exchange desalination

(1) For the ion exchange, a semi-continuous setup
using a serial process with cationic and anionic
columns in order to obtain drinking water was
used [11,21]. Two columns of 80 cm high and
10 cm diameter were used, and were filled with
4 L of resin. The salted water used for these exper-
iments was the one obtained as the first stage of
nanofiltration permeate (stream 3 in Fig. 2).

(2) The resins used in the experimental test were
Purolite A-300, Purolite A-500, Rohm and Haas
Amberlite IRA 458, Purolite MB-400, strongly
basic resins, Purolite C-100 and Purolite C-100E,
strongly acidic resins.

(3) The ion measurement was done by a conductivity
meter connected to the output of the columns in
order to obtain an approximate value of the saline
content of the water in time. The measurements of
total dissolved solids (TDS), sodium chloride
(NaCl), and chloride and sodium ions were taken
from the final sample to determine TDS, and
sodium chloride (NaCl) selective electrode was
used to determine the concentration of chloride
and sodium ions by means of Volhard methods
and atomic adsorption spectrophotometry,
respectively [24].

(4) To determine the resin capacity, 25 ml of 1 M
sodium chloride solution was used with 5 g of
each in a glass beaker and stirred for 20 min until
equilibrium was reached. Then, the samples of
5 ml of the final solutions were taken and the sam-
ples were analyzed with the above-mentioned
methods.

3. Results

3.1. Microfiltration

Table 1 presents the concentration of salts feed and
output of microfiltration pretreatment. It is observed
that there is practically no reduction in the concentra-
tion of salts because the microfiltration retains larger
particles, usually 0.02–10 μm such as colloids and
emulsions, yeasts, bacteria, and virus.

R. Bórquez and J. Ferrer / Desalination and Water Treatment 57 (2016) 28122–28132 28125

http://www.alfalaval.com
http://www.alfalaval.com


3.2. Performance of nanofiltration and RO membranes

Results obtained from experimental tests of two
stages in series with different membranes, nanofiltra-

tion as both RO to a pressure of 40 bar in the
first stage and 20 bar for the second stage was
compared.

Tables 2 and 3 show that membranes with most
salt rejection and reduction in TDS were nanofiltration
membrane NF90-2540 and RO membrane RO98pht
2517/30.

The membrane NF99 HF-2517/30 has the highest
flux yield, but it has an extremely low salt rejection
66.5%, regarding membranes as NFX-2540 and
RO98pht 2517/30, which provide greater retention
than 99%.

On the other hand, even though RO membrane
RO98pht 2517/30 has an elevated salt rejection, the
permeate flow is 16 L/h m2, almost three times
lower than the flux of NF90-2540 of 65.7 L/h m2 after
the second stage. It is mainly due to the effect of

Fig. 1. Scheme of the experimental process of nanofiltration and reverse osmosis (RO).

Fig. 2. Scheme for the two stage membrane (NF or RO)
desalination process.
Notes: (1) pretreated seawater feed stream, (2) first stage
retentate stream, (3) first stage permeate stream, (4) second
stage retentate stream, and (5) second stage permeate
stream (product).
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osmotic pressure, which is lower in nanofiltration
membranes, which implies an increased flow of
permeate. Therefore, the nanofiltration membrane

NFX-2540 meets the optimal conditions in terms of
permeate flux and salt retention in two separation
stages.

Table 1
Chemical composition of raw seawater and after microfiltration (4 bar, T = 25˚C, Feed flow = 707 L/h)

Raw seawater Seawater after microfiltration

Conductivity (mS/cm) 48.1 47.6
TDS (g/l) 33.5 31.1
Nacl (g/l) 24 24
Na+ (g/l) 10.26 10.76
Cl– (g/l) 19.65 18.63
SO2�

4 (g/l) 2.68 2.57
Ca2+ (g/l) 0.41 0.39
Mg2+ (g/l) 1.26 1.22

Table 2
Permeate flux, dissolved salts concentration, and TDS in permeate by NF and RO after the first stage (40 bar, T = 15˚C,
Feed flow = 707 L/h)

Process/membrane
Permeate flux
(L/h m2)

TDS
(mg/L)

Na+

(mg/L)
Cl–

(mg/L)
SO2�

4

(mg/L)
Ca2+

(mg/L)
Mg2+

(mg/L)

Feed seawater 33,500 10,260 18,450 2,570 390 1,220
Reverse osmosis/RO98pht 2517/30 15.56 489.5 157.8 243.6 7.2 – –
Nanofiltration/NF99 2517/48 67.88 18,150 2,420 14,190 280 – –
Nanofiltration/NF99 HF-2517/30 148.52 16,100 1,950 13,200 240 130 230
Nanofiltration/NF90-2540 47.80 899 242 498 8.14 1.94 2.4
NCH 409a – 1,500 – 400 500 – 125
WHOb – 1,000 100 250 400 – 30

aPhysicochemical limits according to Chilean drinking water standard (Nch 409).
bWorld Health Organization (WHO).

Table 3
Permeate flux, dissolved salts concentration, and TDS in permeate by NF or RO after the second stage (20 bar, T = 15˚C,
Feed flow = 707 L/h)

Process/membrane
Permeate flux
(L/h m2)

TDS
(mg/L)

Na+

(mg/L)
Cl–

(mg/L)
SO2�

4

(mg/L)
Ca2+

(mg/L)
Mg2+

(mg/L)

Reverse osmosis/RO98pht 2517/30 16.08 8.82 2.80 4.40 1.64
Nanofiltration/NF99 2517/48 69.12 11,190 820 9,120 10
Nanofiltration/NF99 HF-2517/30 95.15 9,020 1,030 6,960 10 20 60
Nanofiltration/NF90-2540 65.70 11.7 4 6 1.34 0.72 0.93
NCH 409a – 1,500 – 400 500 – 125
WHOb – 1,000 100 250 400 – 30

Notes: Feed concentrations are permeate concentrations indicated in Table 2.
aPhysicochemical limits according to Chilean drinking water standard (Nch 409).
bWorld health organization (WHO).
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3.3. Effects of pressure, temperature, and feed flow over
performance of membrane NF90-2540

Fig. 3 shows the relation of the permeate conduc-
tivity with the operation pressure and temperature.
The tests were performed at feed flow of 706.7 L/h
and temperatures of 15 and 10˚C, respectively.

From Fig. 3, it is possible to appreciate that opera-
tion temperature affects the salt diffusion because at
higher temperatures the permeate conductivity
increases, which means an increase in the dissolved
salts in permeate.

Additionally, we can appreciate that at higher
operation pressures the permeate conductivity dimin-
ishes, which means that salt rejection is increased by
the pressure variations.

In the following figures, the relations of TDS, chlo-
ride, and sodium ion concentration in permeate with
operating pressure is analyzed, considering different
operating temperatures and feed flows.

Figs. 4 and 5 show the effect of operating tem-
perature on the removal of ions, which clearly
shows that increasing the temperature increases the
concentration of TDS, chloride ions, and sodium ions
in the permeate, since at higher temperature
increases the diffusion of ions through the mem-
brane. Furthermore, in Fig. 4 (feed 707 L/h, temper-
ature 10˚C), we can appreciate the operating
pressure effect on the salt rejection yield, where it
increased with pressures above 34 bar, but in opera-
tion between 28 and 34 bar doesn’t show this effect.
On the other hand, this effect is not appreciated in
Fig. 5 (feed 707 L/h, temperature 15˚C).

Figs. 5 and 6 show the effect of increased cross-
feed flow across the membrane, which causes a
decrease in the concentration of dissolved salts in the
permeate, since as fluxes showing higher permeate

cause greater dilution of salts. Thus, the flux and aver-
age rejection decreased with decreasing cross-flow
velocity. This is due to the increased polarization
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tration in permeate of first stage with membrane NF90-
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trated feed flow of 1,325 L/h and 15˚C.
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modulus, with a higher ion concentration at the
membrane surface, both solutes diffuse through the
membrane and osmotic pressure will increase; this
will result in lower TDS rejection and permeate flux
[14–16].

Fig. 7 shows the rejection yield of the membrane
for different ions in the salted water. Here we can see
that with bivalent ions like Calcium, Magnesium, and
higher sulfates the rejection yield is above 99%. On
the other hand, with monovalent ions like chloride
and sodium, the rejection does not exceed 98%, which
is still much higher than the yields performed by
the other NF membranes NF99 2517/48 and NF99
HF-2517/30 that weren’t higher than 82%.

Rejection generally increases with pressure because
more water flows through the membrane with approx-
imately the same amount of salt. However, for some
of the salts, a maximum rejection was observed
beyond which rejection decreased with increasing
pressure. This phenomenon likely occurs because as
pressure increases, both the flux and polarization
modulus also increase, but at different rates. At some
point, the effects of the increased polarization modu-
lus will overcome the effects of the increased flux and
the rejection will decrease [14,15,18].

From the above trials, it can be concluded that the
three operating variables (pressure, temperature, and
permeate flow) exert different influence on NF recovery
and product quality. Increasing feed pressure increases
both permeate flow as well as recovery and improves its
quality. Improvement in permeate flow and recovery
can be achieved also by increasing feed temperature
which leads to a moderate decline in permeate quality.
Increasing feed flow improves both permeate flow and
quality but it has a marked influence on lowering perme-
ate recovery. Those operation criteria are being investi-
gated thoroughly for the proper operation of large NF

plants by this NF-seawater desalination process
[14,15,18].

3.4. Experimental results of ion exchange

The removal of chloride ions and sodium was
studied by a second stage of ion exchange, since a sin-
gle-stage nanofiltration does not remove sufficient
amount of chloride and sodium ions to comply with
current Chilean regulations and the recommendations
of the World Health Organization (WHO).

The performance of four strongly basic resins
Purolite A-300, Purolite A-500, Purolite MB-400 and
Rohm and Haas Amberlite IRA 458 for reduction of
chloride ions were analyzed, while in the case of the
strongly acidic resins Purolite C-100 and Purolite
C-100E were selected for reducing sodium ion.

3.5. Experimental results of Ion-exchange resin capacity

Tables 4 and 5 summarize the initial and final
chloride and sodium ion concentration, additionally
the experimental average capacity and the theoretical
capacity for the tested resins. From Tables 4 and 5,
the highest capacity resins are Purolite MB-400 and
Purolite A-300 in the case of the strongly basic and
Purolite C-100 for the strongly acidic ones. Further-
more, it is observed that the capacity experimentally
obtained is less than the theoretical capacity, since the
theoretical capacity is the total capacity of the resin,
which is an ideal case where the resin is completely
at the beginning of the cycle. This case does not exist
in reality, because the front of exchange is not flat
and the resin is not always completely regenerated at
the beginning of the cycle. The typical useful capacity
of the strongly acidic and basic resins is 40–70% of its
total capacity.

3.6. Rupture curves for ionic exchange resins

The realization of breakthrough curves was made
using resins with greater capacity [25–27]. Fig. 8
shows the rupture curves experimentally obtained for
anionic exchange columns.

For resin Purolite A-300, rupture time is 115 min
and for Purolite MB-400 is 45 min. This is explained
because Purolite MB-400 shares both cationic and
anionic active sites, which reduces the rupture time.

The figure also shows the elevated chloride ion
retention capacity both resins have. Purolite A-300
reaches concentration up to 17.3 mg/L and Purolite
MB-400 reaches 12.56 mg/L, which agrees with the
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Fig. 7. Ion rejection percentage during first stage with
membrane NF90-2540 against operating pressure to feed
flow of 1,325 L/h and 15˚C.
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experimental data obtained in section resin capacity of
ion exchange. Similar curve was obtained for cationic
ion-exchange columns (Fig. 9), Purolite C-100 resin
has a rupture time of 150 min.

3.7. Semi-continuous fixed bed operation

For the experimental tests 4 L of anion resin
Purolite A-300 and 4 L of cation resin Purolite C-100
were used. Fig. 10 shows the variation in salted
water conductivity with time during the ionic
exchange stage.

From Fig. 10, it is observed that the stationary state
reached at approximately 10 min of operation,
reaching an average conductivity of 107.5 μS/cm,
which indicates low salt content present in the output
water.

Table 6 shows TDS, sodium chloride, chloride, and
sodium ion concentrations in the feed and the exit of
the ionic exchange columns and their respective
retention percentages. We can appreciate the high
yield of salt retention and product from this process
exceeds the requirements for the Chilean and WHO
drinking water standards.

Table 5
Experimental and theoretical capacity of strongly acidic ion-exchange resins

Purolite C-100 Purolite C-100E

(Na+)initial, mg/L 575 575
(Na+)final, mg/L 399.5 397.5
Capacity (wet), mg/g resin 35.1 33.5
Capacity (wet), meq/g resin 1.53 1.46
Theoretical capacity (wet), meq/g 2.35 2.24

Table 4
Experimental and theoretical capacity of strongly basic ion-exchange resins

Purolite A-300 Purolite A-500 Purolite MB-400 Amberlite IRA 458

(Cl–)initial, mg/L 887.5 887.5 887.5 887.5
(Cl–)final, mg/L 649 691 644 705
Capacity (wet), mg/g resin 47.7 39.3 48.7 36.5
Capacity (wet), meq/g resin 1.35 1.07 1.38 1.03
Theoretical capacity (wet), meq/g resin 1.867 1.643 1.805 1.736

0

100

200

300

400

500

600

700

0 20 40 60 80 100 120 140 160 180 200

Time (min)

C
on

ce
nt

ra
tio

n 
(m

g/
L)

Purolite
A-300
Purolite
MB-400

Fig. 8. Breakthrough curve for 1 g/l sodium chloride solu-
tion (600 ppm of Cl–) with a volumetric flow of 15 ml/min
in two basic resins.
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tion (400 ppm of Na+) with a volumetric flow of 15 ml/
min in acid resin Purolite C-100.

28130 R. Bórquez and J. Ferrer / Desalination and Water Treatment 57 (2016) 28122–28132



Fig. 11 shows that the stationary state is achieved
in about 10 min with an average conductivity of
approximately 214 μS/cm, which indicates low salt
content present in the output water.

In Tables 6 and 7 it can be observed that increasing
the feed flow, increases the concentration of salts out-
put where, for a flow of 60 L/h is obtained a product
with a concentration of 107.2 mg/L TDS, whereas for
a flow of 20 L/h, the output concentration decreases
to 53.7 mg/L, which represents a significant concen-
tration decreased with decreasing flow, whereby low
feed streams are suggested to achieve greater
exchange of ions.

4. Conclusions

(1) It is possible to obtain drinking water from sea-
water with a two-stage process involving
nanofiltration and ion-exchange technologies.
Experimental results show that it is possible to
obtain salts rejection yield of a 99.9% using
two stages of nanofiltration at transmembrane
pressures (TMP) 40 and 20 bars, respectively,
temperature of 15˚C, and feed flow 707 L/h. It
is also possible to obtain a 95% yield of salt
rejection using a combined process with a first
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Fig. 10. Water conductivity at the exit of the ionic
exchange process vs. time with a feed flow of 20 L/h of
permeate from first stage with membrane NF90-2540 at
40 bar, and an initial conductivity of 1,700 μS/cm.
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Fig. 11. Water conductivity at the exit of the ionic
exchange process vs. time with a feed flow of 60 L/h of
permeate from first stage with membrane NF90-2540 at
40 bar and an initial conductivity of 1,700 μS/cm.

Table 6
TDS, sodium chloride, chloride, and sodium ion retention with ionic exchange columns (Purolite A-300 and Purolite
C-100) with a feed flow of 20 L/h of permeate from first stage with membrane NF90-2540 at 40 bar

Feed Exit Retention (%) NCH 409 OMS

TDS (mg/L) 853 53.7 94 1,500 1,000
NaCl (mg/L) 853 53.7 94 – –
Cl– (mg/L) 517.6 32.6 94 400 250
Na+ (mg/L) 335.4 21.1 94 – 100

Table 7
TDS, sodium chloride, chloride, and sodium ion retention with ionic exchange columns (Purolite A-300 and Purolite
C-100) with a feed flow of 60 L/h of permeate from first stage with membrane NF90-2540 at 40 bar

Feed Discharge % Retention NCH 409 WHO

TDS (mg/L) 853 107.2 87.4 1,500 1,000
NaCl (mg/L) 853 107.2 87.4 – –
Cl– (mg/L) 517.6 65.1 87.4 400 250
Na+ (mg/L) 335.4 42.1 87.4 – 100
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stage of nanofiltration and a second stage using
ionic exchange resins. The second option repre-
sents smaller energy consumption, because of
the lower operation pressures. Both methods
fulfill the current Chilean drinking water stan-
dard (NCh 409).

(2) Nanofiltration membranes produce a much
higher permeate flow (over three times perme-
ate flow) than RO membranes at same opera-
tion conditions.

(3) Ionic exchange process increase salts adsorp-
tion rate with a low feed flow and a low feed
conductivity. Nevertheless, the process was
able to overcome Chilean drinking water stan-
dard with the most adverse operating condi-
tions (feed flow and conductivity of 60 L/h
and 1,707 μS/cm, respectively).
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