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a b s t r a c t

One of the major environmental risks of shale gas development is water contamination caused by 
hydraulic fracturing, resulting in the generation of high salinity wastewaters. During the shale gas 
wastewater treatment, there are typically multi-step treatment processes, including candidates such 
as air flotation, biological treatment, and chemical coagulants. In this paper, membrane distillation 
(MD) technique with simple and economical pre-treatment was applied to treat the shale gas waste-
waters containing more than 300,000 mg/L total dissolved solids with porous hollow fiber mem-
branes. In addition, fouling mechanisms in the MD treatment of the wastewaters were explored 
using a theoretical model based on the crystallization theory. From the laboratory results, it was 
found that the flux decline due to scale formation was the serious problem in the treatment of the real 
wastewaters. The analysis of the MD membrane surfaces using scanning electron microscopy and 
X-ray photoelectron spectroscopy revealed the morphologies and compositions of the foulant layers 
after the MD treatment. 
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1. Introduction 

As interest in shale gas has spread all over the world, there 
is a growing concern on its environmental impact [1–3]. The 
potential for natural water contamination is high when pro-
ducing shale gas through hydraulic fracturing [3–5]. It has 
been recently reported that flow back and produced waters 
from Haynesville (Texas) and Marcellus (Pennsylvania) shale 
have high salinity (>200,000 mg/L total dissolved solids [TDS]) 
concentrations [4]. Moreover, proppant and toxic organic and 
inorganic chemicals are included in such wastewaters [4,6,7]. 
Accordingly, it is difficult to properly treat the shale gas waste-
waters by conventional wastewater treatment techniques [7]. 

A few novel techniques have been proposed for the 
 treatment of shale gas wastewater [8], including such as 
multi-effect distillation (MED), mechanical vapor compres-
sion (MVC), forward osmosis (FO) [9,10], and membrane 
distillation (MD) [5,6]. Of particular interest in this study is 
MD that have ability to treat feed waters with high salinity 
[11,12]. MD uses thermal energy for the separation of fresh 
water from saline water [13]. A hydrophobic microporous 
membrane is an essential part of this system because it pro-
vides a barrier to separate a hot feed water and a cold prod-
uct water [5]. The advantages of MD over other wastewater 
treatment techniques includes [6,11,14–16]: low electricity 
requirement; ability to be operated under low temperature 
and pressure conditions; integration with renewable energy 
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sources such as waste heat and solar thermal energy; small 
footprint; and capability to remove non-volatile impurities 
including ions, polymers, and colloids. 

However, one of the major challenges in MD is flux 
decline and permeability loss due to membrane fouling 
[15]. Considering that there are substantial amount of salts 
in the shale gas wastewater, scale formation may occur on 
the surface of MD membranes, resulting in a reduction in 
the performance of the process and an increase in opera-
tion costs [17]. In addition to scale formation, organic mat-
ters and colloidal particles may also cause fouling in MD. 
Accordingly, it is imperative to control MD fouling for its 
application to the treatment of shale gas wastewater. 

Scale formation is not only a problem in MD but also a 
problem in other membrane systems such as reverse osmo-
sis (RO) and nanofiltration (NF). Accordingly, a handful of 
researches have been presented in the literature for the con-
trol of the scale formation in membrane systems. Soluble 
inorganic salts including calcium carbonate, calcium sulfate, 
barium sulfate, and silica cause scale formation in membrane 
systems [18–20], resulting in permeability loss of membranes 
and damage of membrane structures [17,21]. Several methods 
have been established to control scale formation, including 
acid addition, softening, and the use of antiscalant [17,22,23]. 
Especially, antiscalants are found to be effective to control 
scale formation in NF/RO processes due to their ability to 
prolong the induction time for the crystallization [22,24,25]. 
Threshold inhibition is another representing aspect of anti-
scalants [15]. Membrane crystallization is also an approach 
to control scale formation by continuously precipitating crys-
tals during MD treatment [26–28]. While antiscalants modify 
the kinetics of crystallization, membrane crystallization relies 
on crystallization equilibrium. 

Nevertheless, little information is available on foul-
ing phenomena and scale formation mechanisms in MD 
treatment of shale gas wastewater. Accordingly, this study 
explored the mechanisms of fouling in MD systems for the 
treatment of high salinity wastewater from shale gas devel-
opment. A series of MD experiments were carried out using 
laboratory-scale MD systems. A simple theoretical model 
based on the crystallization kinetics and surface blockage 
model was derived and applied to interpret the experimen-
tal results. The difference in fouling propensity between flat 
sheet and hollow fiber membranes was also investigated. 

2. Model development 

In this study, simple model equations were derived to 
examine the fouling due to scale formation in MD systems. 
In general, the rate of crystallization on the membrane sur-
face is given by [29,30]: 

dm
dt

kA c cs
m

n
= −( )*  (1)

where ms is the mass of crystals formed on the mem-
brane surface; t is the time; k is the rate constant for the 
crystallization, Am is the membrane area, c is the bulk con-
centration, c* is the saturation concentration, and n is the 
reaction order. In Eq. (1), ms can be expressed as: 
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where r is the density of crystals; Vs is the volume of surface 
crystals; As is the area of the surface crystals; and d is the 
thickness of the surface crystals. The formation of the sur-
face crystals reduces the effective surface area of the mem-
brane, thereby reducing the permeability of the membrane. 
Accordingly, the relative permeability b is: 
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Using Eqs. (1) and (3), the Eq. (4) can be derived: 
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Rearranging Eq. (4), the following equation can be obtained: 
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where c0 is the initial bulk concentration. When no fouling 
occurs, the flux in MD can be generally given by [11]: 

J B p0 = ∆  (6)

where J0 is the pure water vapor flux; B is the apparent per-
meability of MD membrane; and Dp is the vapor pressure 
difference. If scale formation occurs, the flux decreases due 
to the reduction in effective surface area. Accordingly, the 
flux J is given by [31]: 

J
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In most crystallization processes, crystals are not imme-
diately created even if supersaturation is achieved [29,30]. 
Instead, an interval is required before the onset of the 
crystallization, which is called as induction time [31]. This 
implies that MD flux decline may not occur from the begin-
ning even if the feed solution is supersaturated. Accord-
ingly, the final model equation for flux decline due to scale 
formation in MD is: 
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3. Materials and methods

3.1. Feed waters

Two feed waters were used to investigate the foul-
ing mechanisms in MD during the treatment of shale 
gas wastewater. Produced water from a shale gas well in 
Bakken, Williston, was obtained and applied. Prior to the 
MD experiments, the wastewater was pre-treated using a 
sediment filter and a pre-carbon filter. Together with the 
real wastewater, a synthetic wastewater was also prepared 
and used. The composition of the synthetic wastewater 
was determined based on that of the real wastewater. 
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Major ions in the real wastewater including Na+ (27.2% of 
the TDS), Cl– (52.3%), K+ (1.94%), Mg2+ (0.36%), and Ca2+ 
(5.18%) were selected for the synthetic wastewater. The 
water quality parameters for these wastewaters are listed 
in Tables 1 and 2. 

These wastewaters were pre-treated prior to MD exper-
iments. The real wastewater and the synthetic wastewater 
were treated using a multi-media filter and a GF/C filter, 
respectively. After the pre-treatment, the turbidity of the 
real wastewater was reduced to 4.5 NTU. Nevertheless, 
the TDS and conductivity were not significantly changed. 
The turbidity of the real wastewater decreased to less than 
1 NTU after the treatment. 

3.2. Membranes

Hollow fiber (Econity, Korea) membranes were com-
pared in this study. According to the membrane manufac-
turer, the pore diameter of the membranes ranged from 
0.2 to 1.0 mm, and the porosity was 75%. The inner diam-
eter and outer diameter of the fibers were 0.7 and 1.3 mm, 
respectively. The membrane area for the hollow fiber mem-
branes was 0.0125 m2. 

3.3. Experimental setup

Two laboratory-scale systems for direct contact 
 membrane distillation (DCMD) and vacuum membrane 
distillation (VMD) were used to measure water vapor flux. 
Details on the experimental systems were reported in our 
previous study [32]. As shown in Fig. 1, each has a mem-
brane module, a feed tank, a distillate (permeate) tank, a 
heater, an electronic balance, and a gear pump for the recir-
culation of the feed solution. In the DCMD system (Fig. 1a), 
a cooler was attached to the distillate side to maintain con-
stant temperature (20oC). In the VMD system (Fig. 1b), a 
condenser was used to convert water vapor to liquid water. 
In both systems, temperatures in feed and permeate sides 
were controlled using a water bath. Moreover, the recircula-
tion flow rates ranged from 0.2 to 1.6 L min–1. A hollow fiber 
membrane module was used for each experiment. The con-
ditions for the MD experiments are summarized in Table 3. 

Table 1
Compositions of real wastewater 

Parameter Value

pH 5.5
Total alkalinity (ppm as CaCO3) 76
Total suspended solids (ppm) 3134
Total dissolved solids (ppm) 357,500
Volatile suspended solids (ppm) 343
Total solids (ppm) 360,600
Turbidity (NTU) 454
Conductivity (µS cm–1) 259,000
Total phosphorus (ppm) 79
Oil and grease, HEM (ppm) 84
Oil and grease, SGT-HEM (ppm) 46
Total hardness (ppm as CaCO3) 64,300
Hardness, calcium (ppm as CaCO3) 31,400
Dissolved oxygen (ppm) 7
Chemical oxygen demand (ppm) 15,820
Total organic carbon (ppm) 1420
Sulfide (ppm) 0.3

Table 2
Composition of synthetic wastewater 

Salts Concentration (mg/L)

NaCl 240,000
CaCl2 51,300
KCl 13,300
MgCl2 3,200
TDS 307,800
Conductivity 241,000 (µS cm–1)

Fig. 1. Schematic diagram for laboratory-scale DCMD and VMD 
systems.

Table 3
Summary of experimental conditions for hollow fiber 
membranes

Item Condition

Operation type DCMD, VMD
Membrane PVDF 0.2–1.0 µm, 

75% porosity 
Effective membrane area 0.0125 m2

Cross-flow 
velocity

Feed 0.6 L min–1

Permeate 0.4 L min–1

Temperature Feed side 60°C
Permeate side 
(DCMD)

20°C 

Vacuum Permeate side
(VMD)

100 mbar
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3.4. Analysis of membrane surface

After the MD fouling experiments, the surfaces of the 
membranes were analyzed. A field-enhanced scanning elec-
tron microscope (FE-SEM, Hitachi S-4700, Korea) was used 
to examine the membrane surface of the scale phenomena 
on the membrane structure after the experiments. Mem-
brane samples were completely dried at 50oC for 12 h in a 
dry oven and coated with platinum. In addition, X-ray pho-
toelectron spectroscopy (XPS) was attempted to measure 
the elemental composition on the membrane surfaces after 
the MD fouling experiments. 

4. Results and discussion 

4.1. Synthetic wastewater 

The MD experiments using the synthetic wastewater 
were conducted in order to investigate the effect of major 
ions such as Na+, Ca2+, K+, Mg2+, and Cl– on membrane foul-
ing due to scale formation. These results were compared 
with those using the real wastewater to investigate the effect 
of minor components. As shown in Fig. 2(a), only a slight 
decrease in flux was observed in the DCMD  experiment. 

The initial flux was 6.0 kg m–2-h–1, and the final flux was 
5.7 kg m–2-h–1, indicating the reduction in the permeabil-
ity by 5%. The flux decline in the VMD experiment was 
also smaller: The initial flux was 9.83 kg m–2-h–1, and the 
final flux was 9.0 kg m–2-h–1. This suggests that the fouling 
due to scale formation is not significant in the conditions 
of synthetic wastewater experiments. This is attributed to 
the conditions of these experiments. In the beginning, the 
feed solution was almost saturated with salts. As the MD 
experiment proceeds, the solution becomes supersaturated, 
and the degree of the supersaturation is proportional to the 
volume concentration factor. However, the concentration 
factors for these experiments were less than 1.15, indicating 
that the rate of crystallization is not high based on Eq. (1). 
Moreover, the induction appears to be longer than the oper-
ation time under these conditions. 

4.2. Real wastewater 

Fig. 3 shows the changes in flux with time for the real 
wastewater. The results are quite different from those in 
Fig. 2. The flux decreased quite quickly as DCMD oper-
ation proceeded after 400 min as shown in Fig. 3(a). 
The initial flux was 7.9 kg m–2-h–1, and the final flux was 

Fig. 2. Variations in water vapor flux with time for  synthetic 
wastewater in DCMD and VMD systems: (a) DCMD and 
(b) VMD. 

Fig. 3. Variations in water vapor flux with time for real waste-
water in DCMD and VMD systems: (a) DCMD and (b) VMD. 

(a)

(b)

(a)

(b)
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0.67 kg m–2 h–1,  indicating the reduction in the permeability 
by 91.5%. The flux decline in VMD was more serious than 
that in DCMD as shown in Fig. 3(b). Although the initial 
flux was higher, the flux decreased from the beginning of 
the VMD operation. After 1000 min, the flux became lower 
than 1 kg m–2-h–1. It is evident that MD flux decline in the 
treatment of the real wastewater was substantial. 

Although the TDS values for the synthetic and real 
wastewaters were similar, the initial flux values in Fig. 3 
were smaller than those in Fig. 2. This is attributed to the 
inhomogeniety of the membranes from different batches. 
Since the membranes used for the synthetic wastewater 
and real wastewater were obtained from different batches, 
the initial flux values were different. The manufacturer of 
the membranes specifies a tolerance of ±10% for the initial 
flux in different batches, which explains the flux differ-
ences between the synthetic and real wastewaters (up to 
2 kg m–2 h–1). However, the membranes from the same batch 
was used for DCMD and VMD experiments with the same 
wastewater.

The different fouling potential between the synthetic 
wastewater and the real wastewater can be explained by 
their compositions and properties. The real wastewater 
contains not only salts but also other compounds such as 
dissolved organics and trace metal ions. Although their 
concentrations are relatively lower than those of salts such 
as NaCl, CaCl2, and MgCl2, they may affect the kinetics 
of nucleation and crystal growth, leading to accelerated 
formation of scales. In other words, the real wastewater 
seems to be less stable than the synthetic wastewater, 
which results in shorter induction time and higher rate of 
crystallization. 

It should be pointed out from Fig. 3 that DCMD and 
VMD showed different flux behaviors. Since the initial flux 
in VMD is higher than that in DCMD, the rate of scale for-
mation on the membrane surface is also higher due to high 
concentration of salts on the membrane surface. Similar 
results were also reported in NF membrane systems [33], 
which suggests that initial flux is also an important factor 
affecting the MD fouling due to scale formation. 

4.3. Application of model equation 

To further examine the scale formation in MD systems, 
the Eq. (8) was applied to the experimental results. The 
induction time tind was determined from the inflection point 

of the flux curves. The a values were determined from linear 

regression between J c c c c dt
n

t

t

ind
0 0 0−( )∫ *  and J. Using the tind 

and a, the flux was estimated using the Eq. (8). The results 
using the synthetic wastewater are shown in Fig. 4. This fig-
ure compares the real flux with the calculated flux against 
time. Since this is a model fit, the best model fit parameter 
was determined from this plot. Moreover, the plot is linear, 
indicating that the model equation can used to quantify the 
fouling behaviors. Both the model calculations for DCMD 
and VMD showed good agreements with the experimen-
tal results. The R2 values were 0.962 for DCMD and 0.970 
for VMD, suggesting that the simple model can predict flux 
decline in MD for shale gas wastewater  treatment. 

Using the model, the fouling behaviors in MD can be 
described in terms of a and tind. From the model fits, the a 
for DCMD was found to be 0.303, which is lower than that 
for VMD (0.619). Since the a is related to the rate of fouling, 
a larger a in VMD indicates higher fouling propensity in 
VMD than that in DCMD. 

Based on the flux profiles, the induction time for 
DCMD was found to be 400 min while that for VMD was 
0 min. The induction time (or period) is defined as an 
initial slow stage of a crystallization reaction; after the 
induction time, the crystallization reaction accelerates. 
Accordingly, if the induction time is shorter, the crystal-
lization reaction occurs faster. Accordingly, these results 
indicate that the fouling propensity is higher in VMD 
than in DCMD.

As pointed out, the higher flux in the initial stage of 
the operation in VMD is one of the reasons to cause this. 
There may be other factors affecting the fouling propensity, 
including the flow patterns, applied pressure, and existence 
of the vacuum on the distillate side. Further study will be 
required for in-depth analysis of the fouling mechanisms in 
DCMD and VMD systems.

Fig 4. Comparison of model fits with experimental results using 
the real wastewater: (a) DCMD and (b) VMD. 

(a)

(b)
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4.4. Analysis of fouling layers on membrane surface

The SEM analysis was applied to observe the scale for-
mation on the membranes surfaces after the MD operation. 
Figs. 5(a) and 5(b) show the images of membrane surfaces 
after DCMD operation. It was found that the crystals were 
formed on the membrane surface and cross section. More-
over, it is likely that the crystals blocked the entrance of the 
pores. The flux after the MD operation was only 8.5% of 
the initial flux, implying that most pores are blocked by the 
crystals. 

Figs. 5(c) and 5(d) show the images of membrane sur-
face and cross section after VMD operation. Again, the 
crystal layers were found on the membrane surface. The 
morphology of the crystals formed in VMD seems to be dif-
ferent from that in DCMD. The size of crystals is generally 
smaller in VMD than in DCMD. The difference in crystal 
size between VMD and DCMD results from the different 
degree of concentration polarization caused by the initial 
flux. If the initial flux is higher, the salt concentration is 
higher due to higher permeation drag, resulting in higher 
salt concentration due to increased concentration polariza-
tion degree. Accordingly, the rate of crystallization is higher, 
and the crystal growth is enhanced.

The results of XPS analysis is shown in Fig. 6. There 
were six major peaks in the XPS plot: C1s (31.35%), Cl2p 
(33.73%), Na1s (13.43%), O1s (9.44%), Si2p (4.96%), and 

Ca2p (3.65%) in Table 4. The carbon peak seems to mainly 
originate from the membrane material. This can also be 
attributed to the organic carbons deposited on the mem-
brane surface. Accordingly, it appears that the major fou-
lants are NaCl, SiO2, CaCO3, and organic carbons. It should 
be noted that SiO2, CaCO3, and organic carbons were not 
included in the synthetic wastewater. This could be the rea-
son why the fouling potential of the real wastewater was 
higher than that of the synthetic wastewater. 

Fig. 6. XPS results after MD experiments.

 

 

Fig. 5. SEM images after MD experiments: (a) DCMD, (b) DCMD membrane surface and cross section, (c) VMD, and (d) VMD 
 membrane surface and cross section.

(a)

(c)

(b)

(d)
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5. Conclusions

In this study, fouling of hollow fiber MD membranes 
during the treatment of shale gas wastewater was investi-
gated. The following conclusions were drawn:

•	 It	was	possible	to	stably	operate	the	laboratory-scale	MD	
with	a	minimal	pre-treatment	(sediment	filter,	pre-	carbon	
filter,	and	MF)	for	removing	total	suspended		solids	and	
turbidity.	

•	 When	 the	 synthetic	 wastewater	was	 used,	 flux	 decline	
due	to	fouling	was	not	significant.	The	results	were	sim-
ilar	in	both	DCMD	and	VMD	except	for	the	initial	flux.	

•	 However,	 the	 real	 wastewater	 showed	 higher	 foul-
ing	 propensity	 than	 the	 synthetic	 wastewater.	 This	 is	
attributed	to	the	difference	in	the	compositions	between	
the	two	wastewaters.	

•	 A	 simple	 model	 considering	 the	 crystallization	 kinet-
ics	 and	 surface	 blockage	 could	 predict	 the	 flux	 during	
the	MD	 treatment.	The	model	 results	 revealed	 that	 the	
rate	 constant	of	 the	crystallization	 in	DCMD	was	high-
er	 than	 that	 in	VMD.	 The	 induction	 time	was	 short	 in	
VMD,	 resulting	 in	 the	 immediate	flux	decline	 from	 the	
beginning.	

•	 The	morphological	 aspects	 of	 the	 crystals	 on	 the	mem-
brane	surfaces	were	different	between	DCMD	and	VMD.	
Again,	this	is	explained	by	the	difference	in	the	initial	flux.	

•	 The	XPS	results	showed	that	the	major	foulants	are	NaCl,	
SiO2,	CaCO3,	and	organic	carbons.	This	could	be	the	rea-
son	why	the	fouling	potential	of	the	real	wastewater	was	
higher	than	that	of	the	synthetic	wastewater.
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