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a b s t r a c t
Forward osmosis (FO) is a water treatment technique that utilizes a semi-permeable membrane to 
remove dissolved solutes from water by the use of a salinity gradient. Unlike reverse osmosis (RO), the 
driving force of FO is not the hydraulic pressure and thus FO does not need high energy to pressurize 
feed water. However, the efficiency of FO may be deteriorated by the occurrence of fouling induced 
by the precipitation of inorganic scales if the feed water includes salts such as CaCO3, CaSO4, or silica. 
The focus of this study was the investigation of FO membrane fouling caused by CaSO4 scale forma-
tion. The changes in flux, saturation degree, and the turbidity of the brine were measured as a function 
of operation time in a laboratory scale FO system. The fouling characteristics of FO were compared 
with those of RO and pressure-assisted FO (PAFO) under similar filtration conditions. A theoretical 
model considering different scale formation mechanisms was also applied to quantitatively analyze 
FO fouling.
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1. Introduction

As available water resources are depleting, seawater 
desalination has become a technically and economically feasi-
ble option for ongoing water supply [1,2]. In arid areas where 
there is insufficient fresh water, seawater desalination is an 
inevitable choice. In addition, climate change has increased 
the risk of prolonged drought in many other regions [3], 
making desalination increasingly attractive. Current desali-
nation systems are classified as either thermal or reverse 
osmosis (RO) technologies [4]. Thermal technologies use heat 
to vaporize water to remove salts while RO technology uses 
hydraulic pressure to overcome osmotic pressure of the sea-
water to produce fresh water. Although they are widely used, 
their high energy consumption is one of the critical issues 

to be addressed prior to further widespread application of 
desalination technologies [5].

As an alternative option, forward osmosis (FO) has been 
actively investigated as a novel desalination technique [6]. 
FO exploits the osmotic pressure difference between the feed 
(low solute concentration) and the draw (high solute concen-
tration) to induce water flows through an osmotic membrane 
[7]. FO itself does not need high pressure for its operation 
[8]. Depending on draw solute recovery methods, however, 
high pressure may be needed in FO systems to separate fresh 
water from draw solution [9]. Nevertheless, FO still holds 
potential as a low energy desalination technique. Moreover, 
FO is being considered for wastewater treatment and reuse 
[10]. Of course, there are several issues to be addressed 
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before FO is widely accepted by industry and one of them is 
the control of membrane fouling [6,11].

Among various fouling phenomenon, scale formation is 
a common problem in seawater and brackish water desali-
nation. Scale formation can occur when sparingly soluble 
salts, which are present in the natural water, are concentrated 
beyond their solubility limit in the feed stream. Since the 
salts such as CaCO3, CaSO4, and silica crystallize and grow 
on the surface of membranes, the product flow through the 
membrane decrease gradually [12,13]. Scale formation may 
be even more serious in FO process than RO process if FO is 
applied to treat water with high salt concentrations or at high 
recovery conditions [11].

Although scale formation has been widely investigated 
in RO processes, there are still unfulfilled information needs 
for better understanding of this problem. Two different scale 
formation mechanisms have been reported in RO processes, 
which include surface (heterogeneous) crystallization and 
bulk (homogeneous) crystallization. There are also a lot of 
factors affecting the scale formation and subsequent RO 
fouling, such as solution pH [14], temperature [15], and the 
presence of dissolved organics [16,17]. Scale formation can 
be mitigated with the use of antiscalant, change of operat-
ing conditions, and application of pretreatment to lower the 
scaling potential of feed water [18]. However, relatively few 
works have been done for FO scale formation [19]. Moreover, 
there is no reliable model available to predict FO fouling 
resulted from inorganic scaling.

The objective of this paper was to elucidate the mech-
anisms of fouling due to scale formation in FO process. A 
theoretical model combining solution-diffusion model and 
crystallization theory was devised to predict the scale forma-
tion of FO membrane system. This model was intended to 
provide insight into the control of scale formation problems 
in FO process. In addition to FO, scale formation in RO and 
PAFO was also investigated and compared. The novelty of 
this study lies in its development of a model to analyze scale 
formation in FO, RO, PAFO systems.

2. Model development

A model for FO process was derived based on membrane 
transport equations and modified by the crystallization the-
ory to analyze the scale formation effect. The model was 
applied to obtain the fouling factors by fitting the experimen-
tal results.

2.1. Modified solution-diffusion model for FO process 

For an osmotic membrane process, the water flux is 
described as [20]:

J L P
J
k

J
kw v D b

w

D
F b

w

F

= + −








 −



















∆ π π, ,exp exp  (1)

where Jw is the water flux through the FO membrane, Lv is 
the water permeability constant, ΔP is the imposed hydraulic 
pressure, πD,b is the osmotic pressure of the draw solution, πF,b 
is the osmotic pressure of the feed solution, kD is the internal 
mass transfer coefficient, and kF is the external mass transfer 
coefficient for external concentration polarization. It is an FO 

system at ΔP = 0 and πD,b ≠ 0 while it is an RO system at ΔP ≠ 0 
and πD,b = 0. If ΔP ≠ 0 and πD,b ≠ 0, it is a PAFO system.

The external and internal mass transfer coefficients, kF 
and kD, are presented as [21,22]:
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where Re is the Reynolds number, Sc is the Schmidt number, 
D is the diffusion coefficient, dh is the hydraulic diameter of 
the membrane feed channel, L is the length of the feed chan-
nel, ε is the FO membrane support porosity, l is the support 
thickness, and τ is the support tortuosity.

On the other hand, Js and Cp can be calculated using 
solution-diffusion model as follows:
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2.2. Models for scale formation

It has been reported that there are two different scale for-
mation mechanisms including bulk crystallization and sur-
face crystallization. In case of the bulk crystallization, fouling 
occurs by the cake layer made of inorganic crystal particles. 
In case of the surface crystallization, fouling occurs through 
the surface blockage mechanisms. Accordingly, the water 
flux equation was derived from Eq. (1) by including the two 
mechanisms:
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where h is the viscosity of the permeate; Rm is the intrinsic 
resistance of the membrane; Rc is the cake layer resistance; A 
is the area of the membrane; and Ab is the area occupied by 
surface crystals on the membrane surface. Assuming that the 
thickness of surface crystal is almost constant [23], the Ab is 
given by:

A mb s= β  (6)

where b is the coefficient for surface crystals and ms is the 
weight of surface crystals. On the other hand, the cake 
resistance Rc is obtained from the Darcy’s law:

R
m
Ac
c=

α
 (7)

where α is the specific cake resistance and mc is the cake mass.
According to the crystallization theory, the growth rate of 

surface crystals is given by:
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where ks is the rate constant of surface crystallization; cw is the 
wall concentration; cs is the saturation concentration; and n is 
the order of reaction rate.

On the other hand, the rate of bulk crystallization is 
written as:
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where kc is the rate constant of bulk crystallization; sp is the 
active surface area on bulk crystals; cb is the bulk concentra-
tion; y is the deposition probability of crystal particles; m is 
the order of reaction rate; and kb is the apparent rate constant 
of bulk crystallization (=kcspy).

2.3. Mass balance equation

In batch filtration, permeate flux and concentrations 
changes with time due to the continuous removal of the per-
meate volume (Vp) from the system. In this case, the volume 
concentration factor (VCF), which is defined as the ratio of 
the initial feed volume (Vi) to concentrate volume (Vc), indi-
cates the extent of concentration:
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Based on the mass balance, cb is given by:
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By simultaneously solving Eqs. (1)–(11) for a given geom-
etry, the flux and solute concentrations can be calculated as 
functions of time and VCF. The equations are solved using 
the explicit Euler method. Lv and Ls were obtained from 
stirred cell experiments. The fouling factors including a, b, 
ks, and kb were determined by fitting the model calculation to 
experimental data.

3. Experimental

3.1. Feed water and membrane

Saturated CaSO4 solution was used as the feed solution, 
which was prepared by dissolving 2,090 mg/L of CaSO4 into 
DI water and then filtered using a glass microfiber filter 
(Whatman, Grade GF/C, USA). An ion chromatography 
(DIONEX, USA) was used to measure the concentrations 
of CaSO4 in the feed. In addition, an electronic conductivity 
meter (Orion, USA) was also used. A turbidimeter (DRT-100B, 
USA) was used to determine the turbidity of the brine. The 
membrane used for the experiment was HTI membrane 
(Lifepack, HTI, USA). The membrane was made of cellulose 
triacetate. The rejection of NaCl and CaSO4 by this membrane 
was over 97%.

3.2. Experimental setup

Fig. 1 depicts the overall process diagram of the cross-flow 
FO equipment. A plate-and-frame FO membrane module, a 

temperature controller, two pumps, a feed tank, and a draw 
tank, were included in the FO equipment. The FO module 
was fabricated to have one feed flow channel and one draw 
flow channel. Each channel had dimensions of 12.4 cm length, 
7.4 cm width, and 2 cm height. The effective membrane area 
was 92 cm2. The flow rates were set to 0.7 L/min. Using the 
temperature controller, the feed temperature and draw solu-
tion temperature were set to 25°C. The water flux was mon-
itored by an electronic balance with a communication port.

Experiments were performed for the examination of the 
progress of scale formation in FO mode. There were two 
types of system operation, including FO, RO, and PAFO 
modes. In FO mode, only the osmotic pressure difference is 
used to produce water flux. The draw solution was 4 M of 
NaCl, which lead to have osmotic driving force. On the other 
hand, only hydraulic pressure was applied in RO mode. In 
PAFO mode, both osmotic and hydraulic pressures were 
applied as the driving force. A 4 M NaCl solution was used 
as the draw solution and the hydraulic pressure was 5 bar.

The initial volume of feed solution was 1 L. Total dis-
solved solid and turbidity were determined using a conduc-
tivity meter.

4. Results and discussion

4.1. Scale formation in FO process

Fig. 2(a) shows the permeate flux of cross-flow FO filtra-
tion as a function of time. The feed solution was CaSO4 satu-
rated solution and the draw solution was 4 M NaCl solution. 
A permeate flux decline was observed only at the beginning, 
indicating the fouling through scale formation was not signifi-
cant in FO system. Compared with the results of RO treatment 
of CaSO4 solution in the literatures [24–26], it is likely that FO 
has lower fouling potential. This may be attributed to 1) the 
hydrophilic properties of the membrane that is inherently 
more resistance against fouling and 2) negligible hydraulic 
pressure applied in FO operation. In addition, the permeate 
flux is relatively low, leading to a low fouling propensity. 
After the operation of 650 min, the flux was reduced by 17 %. 

Although the fouling was not significant, VCF continu-
ously increased. As shown in Fig. 2(b), the VCF exponentially 
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Fig. 1. Experimental setup for cross-flow FO experiments.
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increased up to 6.0, implying that the feed solution was 
concentrated more than 5~6 times. As demonstrated in Fig. 2(a), 
flux decline after the operation time of 400 min was negligible 
even if the VCF exceeded 2.0. This suggests that FO fouling did 
not occur under the condition of high scale formation. 

During the FO experiment, the saturation degree, which 
is expressed as the ratio of the CaSO4 concentration in the 
brine to the initial CaSO4 concentration (or the saturated con-
centration in this study), was measured. If there is no scale 
formation, the saturation degree is linearly proportional to 
the VCF. However, as depicted in Fig. 3(a), the saturation 
degree was always lower than the VCF, indication that the 
CaSO4 crystallization occurred during the FO operation. 
Based on the mass balance analysis, the amount of scales 
formed during the FO operation was determined. In Fig. 3(a), 
the saturation degree was 2.3 at the final VCF of 5, which rep-
resents about 44% of total CaSO4 was precipitated. More than 
1.1 g of CaSO4 was predicated at VCF of 5.0. 

Fig. 3(b) shows the turbidity of the brine as a function of 
VCF. Above the VCF of 2.5, the turbidity of brine increased 
with increasing VCF. This is an evidence that the bulk crys-
tallization of CaSO4 occurred. With the progress of the bulk 
crystallization, the crystal particles are formed in the solution 

and recirculated together with the brine flow. On the other 
hand, the surface crystallization may not be as important as 
the bulk crystallization because a large amount of crystal par-
ticles were formed in the bulk phase. 

4.2. Comparison of model fits with experimental results

The model developed in this study was applied to fit the 
experiments in Figs. 2(a) and 3(a). The results are shown in 
Fig. 3. It was assumed that only bulk crystallization occurs in FO 
systems [27] and thus fouling parameters such as kc and α were 
determined. The kF and kD were calculated to be 2.246 × 10–6 m/s 
and 1.8 × 106 s/m, respectively. Although there are some differ-
ences, the model matches the trends of the experimental data 
well. It is evident from Fig. 4(a) that the flux decline is relatively 
small even with increasing filtration time, probably because 
of the small fouling potential of FO membrane. The model 
was also found to match the changes in the saturation degree 
with VCF. From the model fit, the kb and α were calculated as 
1.0 × 10–6 kg/s and 1.0 × 1015 m/kg, respectively.

The model parameters kb and α represent the rate of 
bulk crystallization and the specific resistance of the fou-
lant layer on the membrane surface. If kb is high, the scale 
formation rapidly occurs, which determines the amount of 
crystals formed during the operation. However, if α is low, 
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Fig. 2. Changes in flux and VCF with time for cDraw = 4 M, 
ΔP = 0 kPa, Qconc= 0.7 L/min. (a) Permeate flux, (b) VCF.
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Fig. 3. Changes in saturation degree and turbidity with time 
for cDraw = 4 M, ΔP = 0 kPa, Qconc= 0.7 L/min. Symbols: saturation 
degree (●), theoretical mass of scale (□), and concentrate 
turbidity (○).
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the foulant layer may not have enough hydraulic resistance 
to induce flux decline. In the case of FO, it seems that the flux 
decline is not serious due to the low α value.

4.3. Comparison of FO with RO and PAFO

Experiments were also carried out in RO and PAFO modes 
under similar conditions except for draw solution concentration 
and applied pressure. In Fig. 5, the results of the calculated flux 
by the model were compared with the experimentally deter-
mined flux for RO mode. The applied pressure was 1,000 kPa, 
leading to a higher flux than FO mode. The draw concentration 
was set to zero. Except for the data at initial stage of opera-
tion, the model reasonably matched the experimental results. 
In this case, the kb and α were calculated as 1.0 × 10–5 kg/s and 
2.0 × 1015 m/kg, respectively, which are much higher values 
than those in FO system. This suggests that the crystallization 
rate and specific cake resistance are higher in RO mode than in 
FO mode. The high α value in the RO mode can be explained 
by the hydraulic pressure applied to the foulant layer on the 
surface of the membrane. The α value seems to increase as a 
result of the compaction under high pressure.

Fig. 6 illustrates the experimental flux and model fit as 
a function of operation time in PAFO mode. The applied 
pressure was 500 kPa and the draw concentration was 4 M. 
Except for the initial conditions, the model matched the 
experiments well. The kb and α for PAFO mode were calcu-
lated as 5.0 × 10–5 kg/s and 1.0 × 1015 m/kg, respectively. It is 
evident from the model calculations that the crystallization 
in PAFO mode is faster than in FO mode, indicating that the 
applied pressure affects the crystallization rate. This may be 
also attributed to the higher flux in PAFO than that in FO, 
which accelerates the crystallization.

4.4. Model validation

The model calculations for the permeate flux and exper-
imental results are compared in Fig. 7. Although there were 
some deviations, the model has reasonable matches with the 
experimental data. The difference in the flux between the 
model fits and experimental data seems to increase at high 
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Fig. 4. Comparison of model calculations with experimental data. 
Experiments: ●; model: ▬; conditions: cDraw = 4 M; ΔP = 0 kPa, 
Qconc= 0.7 L/min. (a) Permeate flux, (b) saturation degree and con-
centrate turbidity.
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Fig. 5. Comparison of model calculations with experimental data 
in RO mode. Experiments: ●; model : ▬; conditions: cDraw = 0 M; 
ΔP = 1,000 kPa; Qconc = 0.7 L/min.

VCF
1 2 3 4 5

Fl
ux

 (L
/m

2 -h
r)

0

5

10

15

20

Fig. 6. Comparison of model calculations with experimental data 
in PAFO mode. Experiments: ●; model: ▬; conditions: cDraw = 4 M; 
ΔP = 500 kPa; Qconc = 0.7 L/min.
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flux conditions. This is attributed to the deviations in the 
PAFO operation at low VCF condition. However, the model 
generally captures the overall trend of flux variations and the 
R2 was estimated to 0.904.

5. Conclusion

In this work, FO fouling behaviors due to scale formation 
was experimentally investigated and compared with those 
in RO and PAFO systems. The following conclusions were 
drawn: 

• The CaSO4 scale formation on FO membrane was less 
severe than on RO membrane reported in the previous 
works. This is attributed to the hydrophilic characteris-
tics of the FO membrane and lack of hydraulic pressure.

• A model combining modified solution-diffusion model 
with crystallization kinetics was developed and applied 
to analyze scale formation in FO, RO, and PAFO systems. 
The model fits the experiments well (R2 = 0.90).

• Based on the model calculations, it is likely that the rate of 
CaSO4 crystallization was accelerated by the applied pres-
sure. The specific cake resistance was higher in RO mode 
than in FO and PAFO modes, suggesting that the compac-
tion of cake layer may occur under high pressure conditions.
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